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Abstract: Sodium lignosulfonate produced in the wood-pulping sulfite process is a valuable side-
product of the pulp and paper industry. Its value can be greatly increased via processing to reduce
its water content, and increase its purity with respect to other compounds, such as sodium sulfite
and hemicellulose, which could also be valorized subsequently. In this proceeding paper, SuperPro
Designer 10 is used to evaluate the theoretical capital and operating costs for using both membranary
and thermal processes, with a focus on the product yield and carbon footprint estimations.
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1. Introduction

Wood naturally contains a large amount of lignin, which needs to be separated/extracted
from the wood before further processing [1,2]. The sulfite pulping process is one of the main
ways in which wood has been processed industrially to produce moderately pure cellulose
fibers, which can be further processed to obtain paper and paper-based products [3–5].

Despite its historical success, the sulfite process is energy-intensive, with a significant
carbon footprint [6]. During the sulfite pulping process, lignin is separated from the
wood as sodium lignosulfonate in high-temperature and -pressure conditions, at a neutral
pH [3–5]. However, the process has a tendency towards acidic pH values. In order to
maintain an optimal pH, sodium carbonate is added continuously, and is consumed, which
leads to the production of carbon dioxide [3].

Membranary processes that operate in crossflow conditions are becoming attractive
alternatives to classical methods in many industrial processes, despite their high capital
and operating costs [7]. The main advantage of membranary processes is the fact that
temperature is not essential to intensifying the process. For this reason, it is a very good
choice for purifying valuable biomolecules, even on the industrial scale [8]. Another
advantage that has become very relevant in the current century is that the process requires
only pumping energy, which means it is directly linked to the carbon footprint of electrical
energy production [9].

SuperPro Designer 10 allows us to model crossflow filtration in batch mode or in
feed-and-bleed mode [7,10] While in batch mode, the retentate flows back into a perfectly
mixed tank; in a feed-and-bleed process [11], the retentate is sent directly into the feed
stream, where it mixes inline. The feed-and-bleed approach results in a higher membrane
surface being required to maintain flux, and also imposes a theoretical concentration limit
that depends on the concentration factor (CF), and on the rejection coefficient (RC). Despite
these drawbacks, the feed-and-bleed better models real situations, where a continuous
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process is required, with reduced hold-up times, in comparison to the batch alternative.
Another advantage, in comparison to the batch process, is the lower frequency of clean-in-
place (CIP) operations. The drawbacks of the crossflow feed-and-bleed filtration process
can be greatly diminished when the units are disposed of in a sequential manner, with
respect to the stream of interest. Pore-blocking can also be limited this way, as low CF
values are required, with more filtration stages in series.

2. Methods

The main equations that model the mass balance in a crossflow filtration feed-and-
bleed process in SuperPro Designer 10 are shown below (Equations (1)–(4)) [10]:

m fi =
1

CF + RCi·(1− CF)
=

.
mi_FEED

.
mi_RET

(1)

m fi =
1

CF ↑ +RCi ↓ ·(1− CF ↑) =
1

CF− RCi·CF
(2)

CF =
QFEED
QRET

=
QFEED

QFEED −QPER
(3)

JV =
QPER

A
=

QFEED·(1− 1/CF)
A

(4)

Using these equations, the mass balance can be simulated in filtration units, which
concentrate the product in series, using Microsoft Excel 2013 and its dedicated solver add-in.
The results can show which CF values are required in each filtration unit as a function of the
feed flow, the RC values for each component, the number of stages, the feed concentration
of each component, and the target concentration of the product and other components.

A process sheet was built into SuperPro Designer 10 (Figure 1) that takes the initial feed
into a microfiltration batch unit, which separates the hemicellulose (precipitated partially
by ethanol, for example) from the sodium lignosulfonate and the salts. This was shown to
have a significant impact on the purity of the product in the product stream. The permeate
of this stage is fed into a multi-effect evaporator, as this is the most efficient, in comparison
with other drying/evaporating processes (Figure A1, Tables A1 and A2). The concentrate
is then fed into a series of filtration units at 3-bar absolute pressure. The final concentrate is
considered the product stream, rich in sodium lignosulfonate.
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Figure 1. Process flowsheet for the purification of sodium lignosulfonate, produced in SuperPro
Designer 10.

The simulation had many input parameters, of which some were fixed and others
had a changing value. The feed flow was fixed at 100 kg/h, with the mass fractions of
6%, 2%, and 2% for sodium lignosulfonate, hemicellulose, and sodium sulfite, respectively.
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The initial concentration factor for the initial batch microfiltration unit was set at 5. To
simulate possible situations, the hemicellulose had an RC value of 0.9, while the sodium
lignosulfonate was set at 0.4. The assumed volumetric flux was 20 L/m2/h. The multi-effect
evaporator had six stages, and it was assumed that the evaporation rate would be that
of pure water. Several final mass fractions with respect to sodium lignosulfonate were
considered. The concentrate was fed to the series of ultrafiltration units, which had the
ideal volumetric flux values of 20 L/m2/h, the exact CF values calculated via the Microsoft
Excel simulations, the RC values of 0.99 for hemicellulose and 0.9 for sodium lignosulfonate,
and a specific power consumption of 0.2 kW/m2. All combinations of numbers of stages (3,
5, 7) with all combinations of target concentrations in the evaporator (20%, 30%, and 40%,
with respect to sodium lignosulfonate) were considered.

3. Results and Discussion

Figure 2 shows the interdependency between the concentration factor, the mass frac-
tion in the retentate, the concentration in the retentate of the key component, and the
maximum achievable concentration in the retentate for the case of concentrating a feed
stream in a feed-and-bleed filtration unit operated in continuous mode.
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Figure 2. One-stage feed-and-bleed simulations at varying retention coefficients.

In order to achieve a useful separation of sodium lignosulfonate, the concentration
factor values should be very small (up to 2 or 3) in each filtration unit, in order to limit
the unwanted passing of sodium lignosulfonate into the permeate. However, the use of
sequential feed-and-bleed filtration units can lead to a useful separation. Figure 3 depicts
the effects of changing the number of stages and of rejection coefficients. It shows that the
required concentration factor can be very small when 10 stages are used, no matter the
rejection coefficient of the target component. It also shows that a reduced number of stages
leads to a situation in which higher CF values are required when the rejection coefficients are
smaller (Figure 3a). Additionally, the yield of the main component is only slightly increased
when more stages are used, but it is very much dependent on the rejection coefficient. This
result further consolidates the need to choose membranes with MWCO values that put
the key component at a rejection factor of 0.9 when it is supposed to be recovered in the
retentate, and a similar value for other components when the product is to be recovered
in the permeate. This also shows that it becomes a difficult task to separate components
which have similar RC values, unless some other type of agglomeration principle is used,
specific to at least one of the components.

The algorithm presented earlier can be used to estimate the CF values required in
the process simulation, which was built in SuperPro Designer 10. The detailed results are
shown in Table 1 for situations with 3, 5, or 7 filtration stages, at various initial concentration
values (20%, 30%, and 40%) obtained via evaporation. These results are grouped in three
categories: the flow characteristics, which also describe the mass flow of the components;
the capital and operating costs, estimated via the software; and the utility consumption for
the steam and electrical power required, and the corresponding carbon footprint.
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Table 1. The simulation results concerning the flow characteristics, capital and operating costs, and
utility and carbon footprint estimation.

Nr. of UF Stages

3 5 7

MFF Concentration Target 20 30 40 20 30 40 20 30 40

Flow characteristics

mfinal hemi (kg/h) 0.29 0.30 0.30 0.29 0.30 0.30 0.29 0.30 0.30
mfinal NaLS (kg/h) 3.22 3.44 3.59 3.25 3.45 3.59 3.27 3.44 3.61

mfinal Na2SO3 (kg/h) 0.22 0.44 0.79 0.22 0.43 0.78 0.22 0.39 0.88
NaLS recovered (%) 53.68 57.34 59.79 54.20 57.48 59.80 54.44 57.36 60.09

NaLS purity (%) 86.21 82.42 76.72 86.45 82.63 76.87 86.45 83.36 75.43
Stream dry mass flow (kg/h) 3.74 4.17 4.68 3.76 4.17 4.67 3.78 4.13 4.78

Concentration factor 1.488 1.26 1.118 1.27 1.15 1.07 1.2 1.1 1.046

Capital and operating costs

Capital costs (EUR 1000) 1959 1959 1959 2486 2486 2486 3012 3012 3012
Total operating costs (EUR 1000) 1296 1291 1288 1754 1748 1745 2210 2205 2202

Utility consumption and carbon footprint estimation

Steam (MT/year) 78.24 83.54 86.19 78.24 83.54 86.19 78.24 83.54 86.19
Electrical (kWh/year) 9806 9204 8897 9807 9207 8899 9805 9225 8873

CO2 eq. tons (steam)/year 11.81 12.61 13.01 11.81 12.61 13.01 11.81 12.61 13.01
CO2 eq. tons (electrical)/year 2.40 2.25 2.18 2.40 2.26 2.18 2.40 2.26 2.17

Total CO2 eq. tons/year 14.22 14.87 15.19 14.22 14.87 15.19 14.22 14.87 15.19
Total C eq. tons/year 3.84 4.01 4.10 3.84 4.01 4.10 3.84 4.02 4.10
NaLS (dry) tons/year 25.77 27.52 28.70 26.02 27.59 28.71 26.13 27.53 28.85

C eq. tons in product/year 11.59 12.38 12.91 11.71 12.42 12.92 11.76 12.39 12.98

These results show that there is a trade-off between the purity of the sodium ligno-
sulfonate in the final product stream, and its yield. In a real situation, these parameters
can be tweaked, to be optimized for a purer product with a lower production rate, or for
a less-pure product with a higher production rate. The capital costs depend only on the
number of filtration stages, while the operating costs are influenced significantly by the
number of stages, and very little by the amount of water, which is initially separated via
evaporation. While the steam utility consumption holds the largest percentage of the total
carbon footprint related to the process, its value is significantly decreased through the use
of expensive equipment that evaporates water more efficiently. Overall, the carbon trapped
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in the sodium lignosulfonate is higher than the estimated carbon footprint of the processes
used. This shows that sodium lignosulfonate can be produced in a process with a negative
or neutral carbon footprint. The results obtained via the simulation are probably very close
to an ideal situation. However, the large difference between the equivalent carbon released
as CO2 and the equivalent carbon stored in the lignosulfonate product shows that there is
room to include other real conditions.

Figure 4 shows how the capital and operating costs scale with an increase in the
production capacity. While the production capacity increases 10-fold, both the capital and
the operating costs only increase less than 2-fold. This shows that, for a large production
capacity, the selling price of the purified sodium lignosulfonate can be greatly reduced,
which could lead to a competitive price for various applications.
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Figure A1. Process diagrams in SuperPro Designer 10 for the simulated situations: (a) multi-effect
evaporator (MEE); (b) spray dryer (SpD); (c) thin-film evaporator (TFE); (d) sludge dryer (SlD);
(e) ultrafiltration (batch) (UFB); (f) ultrafiltration (feed-and-bleed) (UFFB).

Table A1. The process parameters for the thermal and membranary simulated processes.

Process Conditions

Multi-effect evaporator
Six effects; feed flow arrangement: forward; thermal vapor recompression with an entrainment ratio of
1.26; liquor temperature in last effect: 25 ◦C; specific power: 0.001 kW/(kg/h)); 1 labor hrs/h; main
equipment cost: EUR 94,000.

Spray dryer
Water evaporation set at 94.3%; outlet gas and product exit at 25 ◦C; volatile content of outlet gas:
0.0195 wt/wt dry; specific evaporation rate: 100 (kg/h)/m3; specific power: 1 kW/m2 of drum area; 0.5
labor-hrs/h; main equipment cost: EUR 13,300.

Thin-film evaporator Water evaporation set at 94.3%; existing temperature of both streams: 25 ◦C; existing pressure of both
streams: 1 atm; 0.5 labor hrs/h; main equipment cost: EUR 99,000.

Sludge dryer
Dried sludge temperature: 25 ◦C; solid concentration: 60%; moisture of air in: 0.008 wt H2O/wt dry air;
moisture of air out: 0.12 wt H2O/wt dry air; temperature of air out: 115 ◦C; 0.5 labor hrs/h; main
equipment cost: EUR 34,000.

Ultrafiltration (batch)

Two-bar transmembranary pressure (set by centrifugal pump in front of unit); rejection coefficient of
membrane with respect to NaLS; filtration time: 240 min; filtrate flux: 20 L/m2/h; 1 labor hrs/h; main
equipment cost: EUR 31,000; clean in place operation after every concentration cycle, which involves
cleaning with 0.1 M NaOH (15 min), followed by cleaning with water (30 min).

Ultrafiltration (feed-and-bleed) The operation is set up the same way as the ultrafiltration (batch) process described above.

Table A2. The simulation results for a feed flow of 100 kg/h, with an 8% content of sodium lignosul-
fonate.

MEE SpD TFE SlD UFB UFFB

Steam (MT/year) 107 823 916 851 0 0
Electrical (kWh/year) 867 0 0 0 8800 8800

Capital costs (EUR 1000) 779 115 758 281 353 353
Total operating costs (EUR 1000) 290 104 222 90 321 318

Labor costs (EUR 1000) 131 66 66 26 156 157
Other consumables (EUR 1000/year) 0 0 0 0 79 75

CO2 eq. tons (steam)/year 16 124 138 129 0 0
CO2 eq. tons (electrical)/year 0 0 0 0 2 2

Total CO2 eq. tons/year 16 124 138 129 2 2
Total C eq. tons/year 7 56 62 58 1 1

NaLS conc. 60% tons/year 107 107 107 107 107 107
NaLS (dry)/year 64 64 64 64 64 64

C eq. tons in product/year 29 29 29 29 29 29
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