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Abstract: The current energy and climate crisis calls for immediate action in replacing fossil fuels
with those derived from renewable sources. The Energreen process performs the direct liquefaction of
biomass to produce a liquid biofuel for the cement industry and an aqueous solution of added-value
compounds for further processing. The present work details the development of an Aspen Plus®

model to simulate this biomass liquefaction process. The proposed model describes the Energreen
liquefaction process using simplified reaction kinetics and thermodynamic models. The model was
validated using data from a real liquefaction pilot plant with a deviation of 6.4%. The simulation,
conducted with several biomass samples of variable compositions, showed that the process is robust
enough to deal with different compositions and, due to the substitution of the fossil fuels presently
used in the cement plant, it will allow savings of up to USD 102,000 per year to be achieved. Several
analyses of the sensitivity of the results to the process variables were performed and it was possible to
identify the reactor temperature and the reaction activation energy as the most impactful parameters
on the process output. Overall, the results allow us to conclude that the proposed model is a solid
framework for the optimization of industrial liquefaction processes.

Keywords: solvolysis; acid-catalyzed hydrolysis; biofuels; sustainability; biorefinery

1. Introduction

The depletion of fossil-based resources and the environmental impact of their con-
sumption has accelerated the drive for replacing non-renewable fossil fuels with more
sustainable alternatives such as biomass. Biomass can be used directly as fuel or it can be
processed to produce new fuels and to recover a wide variety of chemical compounds, some
of which present a significant added value in various chemical industries. The processing or
upgrading of biomass can take place through biochemical and thermochemical processes.

The former focuses on the enzymatic hydrolysis of biomass, while the latter is divided
into the three processes gasification, pyrolysis, and liquefaction, the last of which is the
subject of this work [1]. Liquefaction can be carried out in different conditions at high
temperatures (>200 ◦C) and pressures, as in hydrothermal upgrading (HTU), or at moderate
temperatures (100–250 ◦C) and atmospheric pressure in the presence of a solvent and
a catalyst, as in direct liquefaction [2]. Previous studies have shown that the yield of
liquefaction is affected by several factors, such as the type of biomass feedstock, the solvent,
the type and concentration of the catalyst, and the reaction time [2].

Despite the relatively mild processing conditions, which simplify the reactor design,
the varying feedstock composition can result in different product compositions. Therefore,
the biomass feedstock is a crucial system boundary condition to consider, and understand-
ing the different reaction pathways in an intricate network of possibilities is essential in
modeling the liquefaction process [3].
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This work focuses on processing lignocellulosic biomass, which is mainly formed
by three biopolymers: cellulose (40–60 wt.%), hemicellulose (20–40 wt.%), and lignin
(10–25 wt.%). Cellulose is a linear polymer made up of repeating glucose units bonded
by β-1,4-glycosidic bonds, which make it resistant to chemical attack [4]. As any polymer,
cellulose can be crystalline or amorphous, and crystalline cellulose is not depolymerizable
at low temperatures, as the diffusion of the solvent and catalyst inside the polymer structure
is hindered.

Hemicellulose is an amorphous heteropolymer formed by linear chains of pentoses
and hexoses: xylose and arabinose as C5 sugars, and galactose, glucose, or mannose as
C6 sugars. The polymer chains are usually branched with other sugars, carboxylic acids,
and sometimes phenolic compounds. Due to its chemical composition and linear structure,
hemicellulose is easily hydrolysable under mild conditions [4].

Contrary to cellulose and hemicellulose, lignin is a highly branched amorphous
biopolymer, mainly composed of phenolic alcohols such as p-coumaryl, synapil, and
conyferil alcohols. This high degree of branching leads to a three-dimensional network,
which is difficult to chemically depolymerize [4].

There are several mathematical and computational models proposed in the literature
to describe the liquefaction process, mostly for hydrothermal liquefaction (HTL), which
intend to provide a better understanding of the reactions network and allow mass and
energy balances to be performed for the production process, to estimate, for example, the
product yields. Braz et al. [1] performed a series of experiments designed to study the
effect of the catalyst concentration and temperature on pine wood sawdust thermochemical
liquefaction. These experiments were used to adjust a simple kinetic model for reaction
yield prediction. Hao et al. [5] describe in their work advances regarding the use of
empirical models, response surface methods, kinetic models, and machine learning models
for the optimization of biomass hydrothermal liquefaction. The authors highlight the
capabilities of kinetic modeling and machine learning in predicting and optimizing biomass
HTL processes subject to a wide range of feedstock compositions. Other authors [6,7]
developed models to predict not only yields but also bio-oil and biocrude properties. Using
a multiphysics approach, Ranganathan et al. [8] modeled the hydrothermal liquefaction
of microalgae in a plug-flow reactor using the computational fluid dynamics software
COMSOL Multiphysics 5.3. The authors presented a model that can adequately predict
reactor temperature profiles, HTL product yields for the process, and that can be used as
a tool for reactor scale-up and design. Ou et al. [9] used the ChemCAD 6.5 software for
chemical process modeling and economic cost estimation to evaluate the technical and
economic feasibility of producing transportation fuel by HTL of defatted microalgae and
subsequent hydroprocessing of the biocrude. The authors concluded that the minimum
selling price of the fuels obtained from the process are economically competitive with
those of conventional fuels. Several studies were also published based on the Aspen Plus®

software suite for chemical process modeling and simulation. For example, Hoffman
et al. [10] used Aspen Plus® V7.3 to model and simulate a conceptual process combining
an HTL plant with a biogas plant. The proposed process produces biogas, biocrude, and
upgraded biofuels that can be used directly for transportation or for combined heat and
power production. The necessary mass balances and the technical and economic feasibility
of the proposed process are also presented. Pedersen et al. [11] developed a model using
Aspen Plus® (unspecified version) to demonstrate the technical and economic feasibility of
a conceptual process to produce drop-in fuels through HTL. The authors found that the
proposed process is highly competitive when compared with other production alternatives
and concluded that HTL optimization is the key factor to increase the competitiveness of
the overall process. Ong et al. [12] used Aspen Plus® to obtain the mass and heat balances
of a patented 2000 t/day HTL plant, processing pine wood Kraft black liquor to yield a
gasoline/diesel blend. The authors reached a minimum fuel selling price slightly higher
than that of gasoline in the United States and concluded that heat and exergy recovery are
key factors to reach an economically competitive process.
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As mentioned above, direct liquefaction uses significantly milder conditions (<200 ◦C,
1 atm) than HTL, which constitutes an a priori advantage to achieve economic feasibility.
Nevertheless, to the authors’ knowledge, there are no models published in the literature
for the direct liquefaction of biomass. Therefore, this work intends to present the estab-
lishment of a model to describe the acid-catalyzed direct liquefaction of wood biomass
to produce a biofuel for direct use in heavy duty kilns and added-value chemicals in a
biorefinery perspective.

2. Liquefaction Process and Model Implementation
2.1. The Energreen Liquefaction Process

The Energreen project was initially developed with the aim of producing a sustainable
biofuel (bio-oil) through acid liquefaction of lignocellulosic feedstocks. The produced
biofuel can have an important role in helping the industrial transition from fossil to greener
fuels. In fact, due to its low oxygen content (10–11%), the Energreen fuel should have a
high performance as a fuel and, when compared to conventional diesel, it will allow a CO2
emissions reduction higher than 75% [13].

It is known that biomass liquefaction is a significantly complex process due to the
large variety of physico-chemical reactions that occur simultaneously. Several of these
chemical reactions compete with each other and their occurrence is strongly influenced by
the operating conditions (temperature, biomass type and composition, solvent, catalyst,
etc.). From these, the temperature is one of the most important variables to consider, as
a low reaction temperature will lead to low liquefaction yields but high temperatures
can lead to repolymerization reactions [14,15]. Likewise, biomass composition is also an
important variable, and its lignin content is the most critical factor. In fact, the complex
three-dimensional structure results in a lower depolymerization yield compared to the
cellulose and hemicellulose moieties. The latter components do not significantly affect
the reaction yield due to their simpler structures [15,16]. However, as mentioned before,
cellulose crystallinity is an important characteristic, as the tight molecular organization
in the crystalline domains of polymers presents a strong stereochemical hindrance that
severely slows down the reaction kinetics compared to the amorphous domains. Finally, the
solvent type also influences the liquefaction yield due to the different solvolysis mechanisms
that can take place [1,12]. Hydrogen donor solvents typically present higher conversion
rates and better biofuel quality by simultaneously promoting hydrodeoxygenation reactions
and inhibiting repolymerization [17].

The present work is based on the patented Energreen process [18,19]. This project
involved the assembly and start-up of a semi-industrial pilot plant in the CMP held facility
at Pataias, Portugal, which is represented in Figure 1. In this process, biomass goes through
a swelling treatment that facilitates the access of the catalyst to the biomass polymers. The
reaction occurs at temperatures between 130–180 ◦C with mechanical stirring. The solvent
is added to the reactor in a range of 0–50% compared to the biomass feed rate, whereas
the catalyst used was p-toluenosulfonic acid, added in a loading percentage between
0.01–3 wt.% of the biomass amount [18,19]. This solid organic acid is easier to process than
sulfuric or hydrochloric acids, which are also corrosive and consequently demand stricter
safety measures [1].



Fuels 2023, 4 224Fuels 2023, 4, FOR PEER REVIEW 4 
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Figure 1. Three-dimensional model schematic of the Energreen project equipment. Legend: 1. boiler;
2. liquefaction reactor; 3. screw conveyor; 4. biomass feeding hopper—hopper 1; 5. catalyst feeding
hopper—hopper 2; 6. solvent tank reservoir; 7. heat exchanger; 8. condensate tank reservoir.

In short, the Energreen process can be described as a sequence with the following steps:
biomass pretreatment, liquefaction, and filtration. In the pretreatment step the biomass
contacts with the solvent in the screw conveyor to promote its swelling and is preheated
to avoid quenching the reaction medium. Afterwards, the pretreated biomass enters the
reactor and, after the desired residence time, the reaction mixture is removed from the
reactor and filtered to separate the unreacted solids from the bio-oil. In the following
sections, the different stages of the process will be detailed.

2.1.1. Biomass and Catalyst Feeding

The biomass used in the process, which can have a wide range of compositions
regarding the lignocellulosic compounds, is fed through hopper 1 (4 in Figure 1), which
can deal with materials of up to 30 mm in size. The catalyst p-toluenosulfonic acid is added
through hopper 2 (5 in Figure 1).

2.1.2. Pretreatment

The raw material and catalyst are both dosed through a rotary valve. The resulting
mixture is then fed to the screw conveyor, where an amount of solvent is injected to promote
the swelling of the biomass which improves the catalyst’s access to the biopolymers. This
endless screw is one of the most important pieces of equipment of the whole system since
it allows the biomass to be transported to the reactor and to carry out simultaneously the
biomass swelling and the mixture preheating by contact counter-currently with the vapor
phase released from the reactor. Additionally, as mentioned above, a certain amount of
solvent or of the produced bio-oil is sprayed onto the biomass to promote its swelling. In
fact, the lignocellulosic material absorbs the atomized liquid leading to an increase in the
cells’ volume, which facilitates the catalyst’s access to the polymeric chains, thus promoting
their breakdown. A solvent tank and a series of injectors are needed to inject the solvent
through a common rail mechanism.

2.1.3. Liquefaction

The liquefaction reaction takes place in a 316 L stainless steel reactor which is resistant
to the corrosion that can take place as a result of the use of an acid medium. A torisperhical
head sits on top of the vessel and the bottom is double crowned and self-cleaning. The
design of the reactor vessel bottom results from the need to avoid the accumulation of un-
reacted solid matter during the reaction. Furthermore, the reaction mixture is continuously
stirred, to ensure homogeneity, by a helicoidal stirrer.
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It is known that lignocellulosic biomass liquefaction is an endothermic process and,
as such, the reactor is equipped with a thermal oil heating coil. To improve the thermal
efficiency of the process, the reactor is also equipped with an external heating jacket where
the boiler hot flue gases can circulate.

The reaction is carried out at atmospheric pressure, which means that the reactor is
equipped with pressure release valves that are activated accordingly to avoid pressure
buildup. The steam used to preheat the reaction mixture inside the screw conveyor results
from the evaporation of the biomass moisture during the reaction. Depending on the steam
flowrate, a condenser is needed on the opposite end of the screw conveyor to fully condense
the vapors that failed to condense by contact with the biomass. The cooling fluid of the
condenser is industrial water, with a maximum flowrate of 5 m3/h.

2.1.4. Filtration

The reaction mixture is removed through the bottom of the reactor by means of a
mushroom valve. When the valve is open, the mixture passes through a self-cleaning
basket filter to remove the solid particles. This filter is crucial not only to separate the
solid material from the liquefied biomass, but also to provide information on the extent of
the reaction through quantification of the solid matter that has not reacted. This residual
solid is recirculated to the reactor and the liquid phase is injected into the screw conveyor
to promote the biomass swelling with no additional solvent use. When the liquefaction
process achieves the desired yield, the biofuel is then pumped to 1 m3 containers for further
physical and chemical characterization, namely its heating value.

2.2. Aspen Plus® Model Implementation

Due to the lack of available data, modeling, and simulation of the described lique-
faction processes in Aspen Plus® V11.1 required some approximations to be made. First,
the catalyst molecule was not included in the model but its effect was taken into account
through the kinetic rate constants from the literature. Additionally, the swelling system
was also not simulated and the small amount of solvent used for swelling was introduced
directly in the reactor with the remaining solvent. The recirculation of the non-reacted solid
to the reactor was likewise not considered in a preliminary stage. It should be mentioned
that the process described in the preceding sections is a batch process, whereas the follow-
ing model intends to simulate continuous operation, which can yield significant cost and
energy savings.

2.2.1. Chemical Compound Setup

The simulated biomass liquefaction process is a catalytically aided process that takes
place at 160 ◦C in a continuously stirred tank reactor (CSTR). The catalyst used in the process
is p-toluenosulfonic acid and 2-ethylhexanol (2-EH) is used as solvent. As previously
mentioned, in this simulation the contribution of the catalyst was taken into account
through the kinetic rate constants chosen for each reaction.

The introduction of cellulose, hemicellulose, and lignin in the simulation also required
some simplifications. In fact, only cellulose is present in the Aspen Plus® database and
was added as is. Conversely, hemicellulose and lignin were added separately as their
respective monomers: xylose, galactose, glucose, and arabinose represent the hemicellulose
moiety and p-coumaryl alcohol was added to represent the lignin component [3,7,20].
Additionally, the intermediate and final products of the hydrolysis were also added. These
were water, glucose, 5-hydroxymethylfurfural (HMF), levulinic acid, formic acid, furfural,
and phenol (Table 1). The chemical reactions are explained in greater detail in the fol-
lowing sections. The introduction of the above mentioned relevant chemical compounds
required the following Aspen Plus® V 11 databases: APV110 ASPENPCD, APV110 AQUE-
OUS, APV110 SOLIDS, APV110 INORGANIC, APV110 PURE37, NISTV110 NIST-TRC,
APV110 POLYMER.
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Table 1. Chemical compounds introduced in the simulation.

Component ID Component Name

2EH 2-ETHYLHEXANOL
H2O WATER
CELL CELLULOSE

GLUCOSE DEXTROSE
GALACT D-GALACTOSE

COUMARIL TRANS-P-COUMARYL-ALCOHOL
XYLOSE D-XYLOSE
ARABIN D-(-)-ARABINOSE

HMF 5-HYDROXYMETHYLFURFURAL
LA LEVULINIC-ACID
FA FORMIC-ACID

FURFURAL FURFURAL
PHENOL PHENOL

Furthermore, the thermodynamic method chosen to predict the thermodynamic and
transport properties of the compounds was NRTL-RK. This model is recommended for
chemical compounds with more than five carbon atoms [21].

2.2.2. Missing Physical and Thermodynamic Properties

Some of the added compounds required additional properties or parameters which
were missing in the software database and were complemented with data from the lit-
erature. Cellulose required the input of its standard enthalpy of formation (DHFORM),
which was found to be 963 kJ/mol [22]. P-coumaryl alcohol required the introduction of
several parameters to calculate its vapor pressure, molar heat capacity, and vaporization
enthalpy, which were obtained in the work published by Gorensek et al. [23]. According to
Gorensek et al. [23], the vapor pressure (in pascals) was calculated through the extended
Antoine equation:

ln p = 2, 867, 075 − 25, 124.63
T

− 37.26739ln T + 1.48627 × 10−5T2; 406.15 ≤ T ≤ 791.4 (1)

with the temperature in K and pressure in pascals. These values must be introduced in
Aspen Plus® in the PLXANT-1 parameter responsible for the calculation of the component’s
vapor pressure.

The heat capacity of p-coumaryl alcohol was calculated using the following Aly–Lee
equation. The relevant parameters were introduced in Aspen Plus® using the CPALE-1
parameter.

cp = 128, 972.6 +342, 667.4
(

1575.222
T

sinh( 1575.222
T )

)2

+266, 861.9
(

728.2816
T

sinh( 728.2816
T )

)2
; 298 ≤ T ≤ 1000

(2)

where the temperature is in K and the heat capacity in J/kmol.K−1. Finally, the vaporization
enthalpy was calculated using the Watson equation, introducing the relevant coefficients in
parameter DHVLWT.

∆Hvap(T) = ∆Hvap(T1)

(
1 − T

TC

1 − T1
TC

)a+b(1− T
TC

)

; T > Tmin (3)

From this calculation, the value for the enthalpy of vaporization at 25 ◦C is 59.7 kJ/mol.
Parameters a and b were assumed to take the default values, which are 0.38 and 0, respec-
tively. A value of 273 K was also assumed for Tmin.
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2.2.3. Feedstock Characterization

In the simulated process, the biomass and solvent are both directly fed to the reactor.
Thus, 62 kg/h of biomass, with a moisture content of 16.7% according to the pilot plant
data, was fed to the reactor. As such, the complete biomass feed flowrate comprised
74 kg/h of wet biomass at 25 ◦C and atmospheric pressure. The biomass ash content was
initially disregarded in the simulation, and an average composition of 50% cellulose, 30%
hemicellulose, and 20% lignin in the biomass feedstock was assumed [4]. As previously
stated, hemicellulose was represented by glucose, xylose, arabinose, and galactose, with
all components considered to exist in equal proportions. The operational conditions and
composition of the feed stream can be seen in Tables 2 and 3.

Table 2. Operational conditions of the biomass feed stream.

Operating Condition Value

Temperature (◦C) 25
Pressure (bar) 1

Mass Flow (kg/h) 74.27

Table 3. Characterization of the biomass feed stream.

Component Value

H2O 12.38
CELL 30.95

GLUCOSE 4.64
GALACT 4.64

COUMARYL 12.38
XYLOSE 4.64
ARABIN 4.64

The solvent inlet stream was fed at 25 ◦C and atmospheric pressure and its flowrate
was calculated from the process mass balances. In the experimental run of the pilot plant,
2600 kg of biomass was added for 42 h, along with 1956 kg of solvent, which corresponds
to a biomass flowrate of 62 kg/h and a solvent flowrate of 47 kg/h. This led to the
creation of a design spec in Aspen Plus®, which maintains the desired solvent feed flowrate
independently from the remaining parameters.

With the recirculation of the solvent to the reactor, a purge stream is necessary to avoid
the accumulation of compounds inside the reactor vessel. An initial value of 0.1 for the
purge fraction was used.

2.2.4. Direct Biomass Liquefaction Process Simulation

With all of the necessary compounds and properties defined, the process was simulated
in Aspen Plus®. The process flowsheet is depicted in Figure 2.
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The process feed streams depicted in the flowsheet are named BIOMASS and SOL-
VENT. The former carries the biomass to the endless screw conveyor, wherein a preheating
takes place by indirect contact with the vapor exiting the reaction. The latter transports the
solvent make-up to the reactor. As outputs of the system, the streams PURGE, ORGANIC,
and AQUEOUS are represented.

The screw conveyor (SCREW) that feeds the biomass into the reactor is represented by
a concentrical tube heat exchanger, which heats up the biomass to a temperature of 90 ◦C
before entering the reactor. The hot stream of this heat exchanger is the stream GASPROD,
made up of the 2-EH, water, and some residual volatile liquefaction products.

At one end of the SCREW, the preheated biomass enters the reactor, whereas at the
other end, the stream GASPROD is converted into the stream PRODOUT, which is admitted
into a flash separator to separate its liquid and vapor fractions. It is worth noting that
this flash separator is not a representation of a piece of equipment from the actual process
but rather a mathematical tool to accurately simulate the differences between the vapor
and liquid fraction of the stream, which are a direct result of the vapor–liquid equilibrium
inside the screw. After separation, the gaseous part of the stream is condensed in the
condenser (COOLER), after which it is mixed (block MIX) with the flash liquid stream.
Afterwards, a decanter (DECANTER) is introduced to separate the components of the
water/solvent mixture.

The organic phase obtained from the decanter, rich in 2-EH, is then recirculated to
the reactor to decrease the solvent make-up. However, as the recirculated solvent contains
a residual fraction of liquefaction products, a purge stream is required to avoid product
accumulation, which could lead to a severe decrease in the reaction yield and potential
stoppages. On the other hand, the aqueous phase separated from the mixture is combined
with the liquefied product coming out of the reactor, which allows for a liquid–liquid
extraction to take place in a second decanter (EXTRACT) to obtain the ORGANIC and
AQUEOUS streams. Before the EXTRACT there is a FILTER, where 95% of the solids
(non-liquefied biomass—cellulose, glucose, galactose, p-coumaryl alcohol, xylose, and
arabinose) are removed from the stream.

SCREW

The SCREW block is simulated as a HeatX heat exchanger. This equipment is a
concentrical tube indirect counter-current heat exchanger where the biomass moves in the
center tube and the reaction vapors removed from the reactor move along the outer tube.
The primary specification of the SCREW block is that it heats up the biomass from 25 ◦C to
90 ◦C.

REACTOR

The preheated biomass is fed to the REACTOR block, along with the make-up sol-
vent. In the reactor, the liquefaction reactions take place at atmospheric pressure and a
temperature of 160 ◦C, in a useful volume of 9.78 m3; the liquid phase presents an aver-
age residence time of 2 h. The reactor model chosen was the RCSTR and the modeled
liquefaction reactions are described in the following sections.

Biomass Liquefaction Reactions

As previously mentioned, biomass is composed of cellulose, hemicellulose, and lignin
in certain proportions, which depend on the type of biomass (hardwood, softwood, herba-
ceous, etc.). Cellulose hydrolysis results in glucose, which in turn decomposes into 5-HMF.
This compound is unstable in an acid medium and decomposes into levulinic acid and
formic acid, which are more stable at low pH. Therefore, these two compounds are consid-
ered to be the final products (Figure 3).
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The kinetic parameters of cellulose hydrolysis were studied by Yan et al. [24]. The
kinetic profiles were assumed to be irreversible reactions of pseudo-first order and the
relevant constants, shown in Table 4, were obtained from [24]. The data used to reach theses
value are provided in the Supplementary Material (Tables S1–S3).

k = k0exp
(
− Ea

RT

)
(4)

Table 4. Kinetic parameters for the Arrhenius equation for the reactions involving cellulose and its
products represented in Figure 3.

k0 (s−1) Ea (kJ/mol)

k1 3.66 × 109 109.35
k2 5.31 × 105 74.37
k3 9.27 × 107 87.13

As stated above, in this simulation hemicellulose is described by glucose, xylose,
arabinose, and galactose. Thus, glucose and galactose directly decompose to 5-HMF, that
subsequently reacts with water yielding levulinic acid and formic acid, whereas xylose and
arabinose yield furfural. These reactions are depicted in Figure 4.
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The decomposition of hemicellulose was assumed to be described by pseudo-first order
kinetics. The Arrhenius equation parameters (Table 5) were obtained for the hemicellulose
biopolymer and not for its monomers. However, the kinetic parameters of the monomers
were considered to be the same as those of hemicellulose [26].
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Table 5. Arrhenius kinetic parameters used for the decomposition of hemicellulose and lignin [26].

k0 (s−1) Ea (kJ/mol)

Hemicellulose decomposition (galactose, arabinose, xylose) 284.29 40.49
Lignin decomposition (p-coumaryl alcohol) 528.48 44.31

Lignin decomposition reactions (Figure 5) are mechanistically more complex when
compared to cellulose and hemicellulose (Figure 4) and yield several phenolic-based com-
pounds. Therefore, a simplified representation of lignin was considered using p-coumaryl
alcohol to yield phenol. Once again, a pseudo-first order kinetic law was assumed, and the
relevant parameters can be consulted in Table 5.

Fuels 2023, 4, FOR PEER REVIEW 10 
 

 
Figure 4. Hemicellulose decomposition reactions considered [25]. 

The decomposition of hemicellulose was assumed to be described by pseudo-first 
order kinetics. The Arrhenius equation parameters (Table 5) were obtained for the hemi-
cellulose biopolymer and not for its monomers. However, the kinetic parameters of the 
monomers were considered to be the same as those of hemicellulose [26]. 

Table 5. Arrhenius kinetic parameters used for the decomposition of hemicellulose and lignin [26]. 

 k0 (s−1) Ea (kJ/mol) 
Hemicellulose decomposition (galactose, arabinose, xylose) 284.29 40.49 

Lignin decomposition (p-coumaryl alcohol) 528.48 44.31 

Lignin decomposition reactions (Figure 5) are mechanistically more complex when 
compared to cellulose and hemicellulose (Figure 4) and yield several phenolic-based com-
pounds. Therefore, a simplified representation of lignin was considered using p-coumaryl 
alcohol to yield phenol. Once again, a pseudo-first order kinetic law was assumed, and 
the relevant parameters can be consulted in Table 5. 

 
Figure 5. Depolymerization and decomposition mechanisms of lignin and its products [27]. 

FLASH 
The FLASH block is responsible for separating the phases of the product stream that 

exits the screw. As previously mentioned, this flash separator is conceptual, as in reality 

Figure 5. Depolymerization and decomposition mechanisms of lignin and its products [27].

FLASH

The FLASH block is responsible for separating the phases of the product stream that
exits the screw. As previously mentioned, this flash separator is conceptual, as in reality the
screw has a different outlet for the liquid and vapor streams. The FLASH separator works
at atmospheric pressure and is considered to work adiabatically.

COOLER

The COOLER equipment is designed to completely condense the vapor stream that
exits the previous FLASH block. As such, block specifications include atmospheric pressure
and no vapor fraction at the outlet stream.

MIX, MIXSLVT, MIXLIQ

The MIX, MIXSLVT, and MIXLIQ blocks are all mixers that mix different streams at
atmospheric pressure. The MIX block combines the material streams LIQ and CONDENS
to feed them to a decanter. MIXSLVT is responsible for combining the recirculation stream
with the solvent make-up before admission to the reactor. Finally, MIXLIQ adds the
aqueous phase of the decanter to the liquid product stream exiting the reactor performing
a liquid–liquid extraction.

DECANTER

The DECANTER separates the two phases of the 2-EH and water mixture. The former
will be recirculated to the reactor, while the latter is used for hydrophilic compound
extraction. The decanter works at atmospheric pressure and a temperature of 25 ◦C.

SPLIT

The SPLIT block is a separator that represents the purge of the recirculated solvent
stream. The purge fraction chosen was 10%.
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FILTER

The FILTER is the equipment where the solid fraction of the outlet reactor stream is
separated. The FILTER removes 95% of the solid particles in the inlet stream as a result of
the performance of the filter installed in the real plant. The components that are filtered out
are those used to describe the solids.

EXTRACT

The EXTRACT block is also a decanter to carry out the liquid–liquid extraction to
separate the hydrophilic compounds of the bio-oil from the hydrophobic ones. The decanter
works at atmospheric pressure and 25 ◦C.

3. Simulation Results
3.1. Results
3.1.1. Model Validation

Model validation was performed by comparing its output with the results of an
experimental liquefaction run conducted in the pilot plant of Pataias using a Eucalyptus
biomass with the composition described in Table 6.

Table 6. Proximate analysis of the Eucalyptus biomass.

Biomass Property Value

Moisture (%) 15.0
Ash content (%) 10.0

Dry ash-free biomass (%) 75.0

Table 7 describes the experimental run conditions and results obtained in the pilot
plant.

Table 7. Feed conditions and products recovered in the validation experimental run.

Run Parameter Value

Solvent feed (kg) 1960
Biomass feed (kg) 2600
Catalyst feed (kg) 180

Reactor temperature (◦C) 160
Reactor pressure (atm) 1

Water recovered (kg) 990
Solvent recovered (kg) 1270
Liquefied product (kg) 3720

As previously mentioned, it is important to consider that the experimental run was
conducted in a semi-continuous operation mode, where the biomass, solvent, and catalyst
quantities were fed in increments, as well as the product recovered, which was removed
from the reactor in increments. The reaction was conducted for a total duration of 3 days.
This reaction time was used to convert the data into continuous operation to compare
with the model results. Due to the scarce amount of characterization data available,
the validation was performed by essentially comparing the amount of liquefied product
obtained from the run and the model, neglecting the 2-EH solvent that is also removed
with the product. Table 8 summarizes the results.
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Table 8. Model validation results.

Run Parameter Experimental Run Model Run Deviation (%)

Temperature (◦C) 160 160 0
Liquefied bio-oil (kg/h) 42.6 39.9 6.4

Liquefaction yield (m/m %) 68.9 64.5 6.4

The validation results presented in Table 8 show a 6.4% deviation between the model
and the experimental run results. This slight underestimation of the product yield can
be justified by a combination of factors. Firstly, the model considers pure continuous
operation, typical in industrial processes, whereas the pilot plant operates in a semi-
continuous mode, which yields batches of product with an average conversion different
from a purely continuous reactor. In fact, continuous reactors usually present a bypass
effect that can lead to a lower overall yield. Additionally, the experimental pilot reactor has
a low-efficiency filter to remove the solid particles from the outlet stream. Since these solid
particles correspond to the biomass ash plus the unreacted biomass, the particles that are
not retained in the filter will lead to the overestimation of the experimental product yield.

These factors, combined with the simplified kinetics assumed for the different reac-
tions, explain the observed deviation. However, since the deviation is relatively small
(below 10%), we can conclude that the model describes quite well the liquefaction process
of Eucalyptus biomass. It is also important to consider that the simplifications made to the
compounds chosen to represent not only the biomass components but also their subsequent
degradation products, can also significantly affect the simulated yield. In fact, the lighter
compounds may be more strongly affected by the vapor–liquid equilibria thermodynamics
of the modeled system. The lighter compounds volatilize more easily and, thus, are not
considered to be present in the liquid phase where the chemical reactions take place.

3.1.2. Fossil Fuel Substitution Simulation

One of the most important applications of this direct liquefaction process is the pro-
duction of a liquid and easy-to-handle biofuel that can partially or fully be a substitute for
the fossil fuels used in different industries, such as the cement industry. The process layout
is depicted in Figure 6.
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It is worth mentioning that the biofuel produced can also be a source of various
value-added compounds from a biorefinery perspective. After the aqueous extraction
of these compounds, a new biofuel can be produced, which, due to the extraction of the
lighter compounds soluble in water, should have a higher heating value. This approach is
depicted in the layout presented in Figure 7 that illustrates an alternative operating mode
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to produce added-value components that would help to decrease the costs associated with
the overall process.
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This section focuses on the main objective of the process, which is biofuel production.
To that effect, the robustness and versatility of the process is analyzed by simulating the
liquefaction of three distinct biomasses, each with its own composition (Table 9).

Table 9. Biomass composition used for the simulations.

Biomass Component Sample 1 Sample 2 Sample 3

Cellulose (%) 50 60 45
Hemicellulose (%) 30 30 40

Lignin (%) 20 10 15

Reaction conversion and process yield were analyzed for each biomass sample and
the values are presented in Tables 10–12, whereas the results derived from the simulation
are presented in the Supplementary Material (Tables S4–S6).

Table 10. Chemical reaction conversion obtained in the simulation.

Biomass Sample CBIOMASS CCELLULOSE CARABINOSE CGALACTOSE CXYLOSE Cp-COUMARYL

Sample 1 72 63 96 96 96 97
Sample 2 67 63 96 96 96 97
Sample 3 74 63 96 96 96 97

Table 11. Simulation results for the process yield.

Biomass Sample Sample 1

Sample 1 61
Sample 2 58
Sample 3 61

Table 12. Conversion and yield deviation for the simulations with respect to the benchmark, sample 1.

Biomass Sample Yield Deviation (%) CBIOMASS Deviation (%)

Sample 2 −4.7 −6.6
Sample 3 −0.7 2.7

The calculation of biomass conversion and product yield in the simulation is based
on the assumption that the biomass is composed of cellulose, p-coumaryl alcohol, glucose,
galactose, arabinose, and xylose. Consequently, the liquefied product is composed of HMF,
formic acid, levulinic acid, furfural, and phenol.
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Table 10 shows that the reactions of arabinose, cellulose, p-coumaryl alcohol, galactose,
and xylose present the same conversion, due to the use of the same kinetic laws that control
the reaction extension and of the same operating conditions. As such, the operating pressure
and temperature of the reaction, combined with the residence time of the biomass in the
reactor, will regulate the final conversion. As the conversion of the reaction is unchanged
between biomass samples, a higher cellulose fraction in the feed stream will cause an
increase in the amount of unreacted biomass and, consequently, the conversion decreases.
This phenomenon is mostly visible for cellulose, as it is the most abundant component.

Table 13 presents the effect of the biomass to solvent mass ratio in the reactor on the
product streams’ mass flowrates. As seen, samples 1 and 3, with higher lignin contents,
produce a larger flowrate of the gaseous stream. This can be explained by the fact that
the decomposition of lignin, represented by p-coumaryl alcohol, yields phenol, which is
very volatile, and augments the flowrate of the vapor stream exiting the reactor, which in
turn increases the flowrate of the recirculation stream (QINSOLVENT). It is worth noting that
this constitutes a limitation of this model that must be further improved to account for
lignin-decomposition-derived compounds more accurately, namely in the liquid stream
exiting the reactor.

Table 13. Mass flowrates (in kg/h) of material streams associated with the reactor system.

Biomass Sample QFEEDREAC (kg/h) QRECIRCS (kg/h) QGASPROD (kg/h) QLIQROD (kg/h)

Sample 1 74 71 81 65
Sample 2 74 63 76 61
Sample 3 74 73 88 60

The results of the simulation were then used to predict potential savings in fossil fuels
consumption in the cement industry, which is still an important consumer of fossil fuels
such as petroleum coke. Therefore, the lower heating value (LHV) of the liquefied biomass
was calculated according to Equation (5).

LHV = %solvent × LHVsolvent + %catalyst × LHVcatalyst + %dry biomass × LHVdry biomass (5)

As mentioned before, in the current model, the catalyst, which is added in a low
quantity, is not considered and, as such, its effect on the LHV is also neglected. On the other
hand, the LHV considered for the solvent is 37.6 GJ/t [28], and for Eucalyptus biomass an
average value of 18.6 GJ/t [29] was considered. The solvent quantity in the product was
taken from the simulation, and Table 14 summarizes the results.

Table 14. Calculation of the LHV of the liquefied product.

Biomass Sample QDry Biomass (kg/h) Q2-EH (kg/h) Total (kg/h) Biomass Fraction Solvent Fraction LHV (GJ/t)

Sample 1 39.9 17.71 57.7 0.69 0.31 24.4
Sample 2 37.4 15.0 52.4 0.71 0.29 23.9
Sample 3 37.4 15.0 52.4 0.71 0.29 23.9

The results show that the LHV of the liquefied product is approximately 24 GJ/t,
which is close to the value of 26.9 GJ/t obtained for the real sample produced in the plant,
which helps to validate the model. Taking the product yield and its LHV, it is possible
to determine the thermal energy substitution. For that, petroleum coke, with an LHV of
31.3 GJ/t [30] and market price of USD 245 per tonne [31] was considered as the fossil fuel
to replace, and the results are presented in Table 15.
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Table 15. Petcoke substitution savings.

Biomass Sample Released Energy
(GJ/h)

Qpetcoke equivalent
(kg/h) USD/Year

Sample 1 1.41 47.6 102,000
Sample 2 1.25 42.5 91,000
Sample 3 1.25 42.5 91,000

With the current values, liquefying biomass to produce biofuel can lead to savings
of USD 91,000 to 102,000 per year. As future work, a more detailed analysis could be
performed considering the power consumption of the plant, utility costs, and the CO2
savings resulting from the fuel substitution.

3.2. Sensitivity Analysis

A model sensitivity analysis was performed to assess the parameters that most strongly
affect the product yield, reaction conversion, or any other output variables. The pa-
rameters tested were the reactor temperature, purge fraction, biomass moisture content,
biomass/solvent ratio, and the reaction activation energy. The results of this sensitivity
analysis are presented in the following sections.

3.2.1. Temperature

The results regarding the effect of the reaction temperature on the mass flowrate,
reaction conversion, and product yield of several streams are presented in Tables 16 and 17.
The results are shown in the Supplementary Material (Table S7 and Table S8, respectively).
It is important to emphasize that the current direct liquefaction process uses temperatures
lower than 200 ◦C, 160 ◦C in this case, which are significantly lower than the typical
temperatures of the most common alternative biomass upgrading processes.

Table 16. Impact of the temperature variation on the mass flowrates of several material streams.

∆T (%) ∆QFEEDREAC (%) ∆QRECIRCS (%) ∆QGASPROD (%) ∆QLIQPROD (%) ∆QAQUEOUS (%) ∆QORGANIC (%)

−20 0 −30 −66 49 −29 21
−10 0 −22 −43 29 −19 14

0 0 0 0 0 0 0
10 0 67 84 −30 5 −15
20 0 278 297 −63 244 −100

Table 17. Impact of temperature variation on reaction conversion and product yield.

∆T (%) ∆Yield (%) ∆CBIOMASS
(%)

∆CCELOBIOSE
(%)

∆CARABINOSE
(%)

∆CGALACTOSE
(%)

∆CXYLOSE
(%)

∆Cp-COUMARYL
(%)

−20 −42 −37 −79 −5 −5 −5 −5
−10 −25 −22 −45 −2 −2 −2 −2

0 0 0 0 0 0 0 0
10 20 19 32 1 1 1 1
20 32 29 48 1 2 2 1

As seen in Table 16, temperature has a strong influence on the flowrates of several
streams. Considering the stream LIQPROD, which carries the liquefied product out of
the liquefaction reactor, it is possible to observe an inversely proportional relationship
with a deviation of 10% in the temperature, resulting in a negative 30% deviation in the
liquefied product stream flowrate. This effect may be explained by the vapor–liquid
equilibria phenomena taking place in the reactor system. In fact, due to the relatively
low difference between the operating temperature (160 ◦C) and the solvent boiling point
(185 ◦C), particular care must be taken with the control of the process operating temperature
to avoid the evaporation of the solvent.
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Additionally, due to the kinetic rate laws considered to model the liquefaction reac-
tions, the sensitivity of the conversion of several components to variation in the temperature
was also studied (Table 17).

The results of the temperature sensitivity analysis on component conversion show an
important landscape that complements the results of Table 16. Despite the higher product
stream flowrates (Table 16), a negative variation in temperature of 10/20% results in an
overall 25/42% decrease in the process yield and 22/37% in biomass conversion. These
results are intimately connected with the kinetic laws since the reaction rate depends
exponentially on the temperature. Conversely, for positive increments of the temperature,
an increase in the yield and overall conversion is observed. In fact, a 10/20% increase in
the temperature leads to a 20/32% increase in the yield, which is a smaller effect than that
of decreasing this variable. Furthermore, due to the vapor–liquid equilibria, the favorable
effect of the temperature increase can be negated by the choice of solvent and a further
increase in the reactor temperature demands the use of a new solvent with a higher boiling
point.

It is also important to consider that the simplified kinetic model used in this simulation
does not include the kinetic laws for the reverse reactions. Moreover, it is well known
that higher temperatures also promote repolymerization reactions. Further refinement of
the kinetic model is also important for modeling purposes to further optimize the reactor
operating conditions.

The heat duty of COOLER also changes because of the increase in the flow of the
GASPROD stream. These changes are reflected in Table 18 (results are shown in Table S9—
Supplementary Material).

Table 18. Effect of temperature on cooler duty.

∆QH2O (%) ∆Qcooler (%)

−20 −54.4
−10 −35.9

0 0
10 78.5
20 309

As expected, the cooler duty has the same tendency as the GASPROD flow. With the
increase in flow, the heat needed to condensate all the vapor after the FLASH also increases.

3.2.2. Purge Fraction

The current section details the sensitivity analysis of the model to varying the purge
fraction, that is, the fraction of stream 2-EH that is rejected before being reintroduced
into the reactor (stream RECIRCS). Recirculation of the solvent stream is a crucial step in
reducing solvent waste and ensuring optimal operation of the plant. However, a purge
of the stream is necessary to avoid the accumulation of reaction components inside the
reaction medium, which can lead to a premature stoppage. Table 19 summarizes the results
(Table S10—Supplementary Material) regarding the output variation in the stream flowrate.

Table 19. Impact of purge fraction variation on the mass flowrates of several material streams.

∆Purge Fraction
(%)

∆QFEEDREAC
(%)

∆QRECIRCS
(%)

∆QGASPROD
(%)

∆QLIQPROD
(%)

∆QAQUEOUS
(%)

∆QORGANIC
(%)

−50 0 4 3 1 2 2
0 0 0 0 0 0 0

50 0 −4 −3 −1 −2 −1
100 0 −7 −5 −2 −4 −3
200 0 −13 −9 −3 −9 −4
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The results show that the purge fraction has a moderate effect on the material stream
flowrates, with the most affected being the RECIRCS and GASPROD streams, which are,
respectively, the recirculated solvent stream and the stream of the vapor product that exits
the reactor. The former is a direct result of the purge fraction, and the latter is influenced by
the total amount present in the reactor.

The sensitivity of the reaction conversion to the purge fraction was also analyzed. It
was observed that the purge fraction has no influence whatsoever in component conversion
(Table S11—Supplementary Material). However, this is only true with the current simplified
kinetic model. With a more complex model considering reverse reactions, the purge fraction
is expected to affect the concentration of the components more strongly in the reaction
medium, which in turn should help in displacing the chemical equilibrium, favoring the
formation of products rather than reactants.

The purge fraction changes the flow of GASPROD, changing the cooler duty. The
deviation is shown in Table 20 and the results in Table S12—Supplementary Material. Due
to the dependence that the flow of GASPROD has on the cooler duty, the deviation of both
is very similar.

Table 20. Effect of the purge fraction on the cooler duty.

∆QH2O (%) ∆Qcooler (%)

−50 3
0 0
50 −2

100 −4
200 −8

3.2.3. Biomass Moisture Content

Another aspect analyzed in the sensitivity analysis was the biomass moisture content.
The initial biomass contains 16.7% moisture, which was used as base for positive and
negative deviations of 10% and 20%. The biomass moisture content is expected to influence
the vapor–liquid equilibrium phenomena taking place in the reaction medium. The results
are presented in Table 21. This table was made based in Table S13—Supplementary Material.

Table 21. Impact of moisture variation on the mass flowrates of several material streams.

∆QH2O (%) ∆QFEEDREAC (%) ∆QRECIRCS (%) ∆QGASPROD (%) ∆QLIQPROD (%) ∆QAQUEOUS (%) ∆QORGANIC (%)

−20 −3.4 −3.4 −8.5 2.9 −32.8 6.3
−10 −1.7 −1.7 −4.2 1.4 −16.1 3.0

0 0.0 0.0 0.0 0.0 0.0 0.0
10 1.6 1.7 4.1 −1.3 15.5 −2.8
20 3.3 3.3 8.1 −2.6 30.4 −5.4

The results show that the variation in the moisture content does not significantly
influence the flowrate of the reactor system streams. The deviations observed in the
GASPROD stream are moderate, as most of the water leaves the reactor in this stream. In
the streams that are directly related to the reactor, the gaseous and liquid outlet streams
show slight deviations, which are obtained as a result of the change in the vapor–liquid
equilibrium. The larger deviations observed are found in the AQUEOUS stream, which
are obtained after liquid–liquid extraction with the evaporated water, as is expected. The
biomass moisture does not change the conversion because the operation conditions are the
same and—up to a point—are the limiting factor (Table S14—Supplementary Material).

Additionally, the heat duty of the cooler that deals with the vapor product of the reac-
tion suffers change, reflected in Table 22. The results are shown in Table S15—Supplementary
Material.



Fuels 2023, 4 238

Table 22. Effect of biomass moisture on cooler duty.

∆QH2O (%) ∆Qcooler (%)

−20 −11.2
−10 −5.6

0 0.0
10 5.5
20 10.9

The results shown in the table reflect the expected changes in the vapor–liquid equilib-
rium while maintaining the operating conditions. That is, the increase in water flow in the
GASPROD stream increases the heat duty required for the cooler. The effect of moisture in
the conversion of the reactions is null due to the assumed kinetic laws.

3.2.4. Biomass/Solvent Fraction

Another parameter that is known to strongly affect the performance of the process
is related to the proportion of the biomass feedstock relative to the amount of solvent
introduced to assist the reaction. The stipulated process ratio is 1.33. Consequently,
deviations were imposed by altering the amount of solvent introduced in the reactor and
the resulting outputs were analyzed. The results are shown in Table 23. This table was
based on data in Table S16—Supplementary Material.

Table 23. Impact of variation of the biomass to solvent ratio on the mass flowrates of several material
streams.

∆QH2O (%) ∆QFEEDREAC (%) ∆QRECIRCS (%) ∆QGASPROD (%) ∆QLIQPROD (%) ∆QAQUEOUS (%) ∆QORGANIC (%)

−20 0.0 17.2 8.9 7.9 −9.3 8.6
−10 0.0 7.3 3.7 3.4 −3.9 3.6

0 0.0 0.0 0.0 0.0 0.0 0.0
10 0.0 −6.0 −3.1 −2.8 3.2 −3.0
20 0.0 −11.3 −5.7 −5.3 6.0 −5.5

The results show that the solvent ratio does not strongly affect the reactor outlet
streams or the final streams. This corroborates that in the current model, the main effect
of the solvent quantity is the vapor–liquid equilibrium. This behavior is slightly different
from that observed when the biomass moisture content is varied, as 2-ethylhexanol is less
volatile than water. On the other hand, the decrease in the biomass/solvent ratio presents a
positive impact in the mass flow of the organic streams produced in the aqueous extraction
of added-value compounds. In fact, it is expected that the shift in the amount of solvent
affects the liquid–liquid extraction phenomena and, thus, decreases the mass flowrate of
the final AQUEOUS stream. The changes in conversion and overall yield are not significant
(Table S17—Supplementary Material).

On the other hand, as shown in (Table 24 and Table S18—Supplementary Material),
the cooler heat duty is also affected by the biomass/solvent ratio, also due to changes in
the vapor–liquid equilibrium.

Table 24. Effect of biomass/solvent ratio on cooler duty.

∆QH2O (%) ∆Qcooler (%)

−20 6.6
−10 2.8

0 0.0
10 −2.2
20 −4.2
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Finally, solvent flowrate will increase with the biomass/solvent ratio and so the
GASPROD flowrate also increases. This means that the decrease in the biomass/solvent
ratio results in a decrease in the heat duty demand in the cooler. On the other hand, there
are almost no changes in the reaction conversion with the biomass/solvent ratio.

3.2.5. Activation Energy

The results of the sensitivity analysis to the variation in the activation energy of each
reaction, which reflects the effect of the catalyst, on the conversion of every reaction are
shown in Table 25 (simulation results presented in Tables S19 and S20 of the Supplementary
Material).

Table 25. Activation energy sensitivity analysis on the mass flowrates of several material streams.

∆Ea (%) ∆QFEEDREAC (%) ∆QRECIRCS (%) ∆QGASPROD (%) ∆QLIQPROD (%) ∆QAQUEOUS (%) ∆QORGANIC (%)

−20 0.0 13.2 23.8 −15.0 −16.5 25.4
−10 0.0 10.8 20.3 −13.2 −12.6 22.1

0 0.0 0.0 0.0 0.0 0.0 0.0
10 0.0 −9.3 −22.2 17.3 −5.21 −20.4
20 0.0 −16.1 −32.6 22.7 −7.94 −26.5

The results show a strong correlation between the Ea of each reaction and the flow of
the streams. A negative variation in Ea is equivalent to selecting a new catalyst to facilitate
the reactions. Thus, for a constant reaction time, a negative variation in the combined
activation energies results in an increase in the conversion of each reactant. Likewise, the
products of the reactions indicate that the reaction mixture contains higher fractions of
volatile components, which then results in the observed increase in the flowrate of the
GASPROD stream and equivalent decrease in the LIQPROD stream flowrate.

As previously mentioned, the Ea also has a strong effect on the values of conversion, as
shown in Table 26 (the yield and conversion values are shown in Table S21—Supplementary
Material).

Table 26. Impact of the activation energy on the conversion of each reaction.

∆Ea (%) ∆Yield (%) ∆CBIOMASS
(%)

∆CCELOBIOSE
(%)

∆CARABINOSE
(%)

∆CGALACTOSE
(%)

∆CXYLOSE
(%)

∆Cp-COUMARYL
(%)

−20 41.9 38.5 58.1 3.4 3.3 3.3 2.7
−10 37.2 34.0 54.0 2.5 2.5 2.5 2.0

0 0 0 0.0 0.0 0.0 0.0 0.0
10 −46.3 −41.6 −88.0 −7.0 −7.0 −7.0 −6.4
20 −60.47 −55.5 −99.4 −23.5 −23.4 −23.4 −23.2

The results show that a decrease in the activation energy significantly affects the
cellulose depolymerization reactions compared to those of hemicellulose and lignin. This
difference can be explained by the nearly complete conversion of the other reactions, which
can help to mask the effect of the activation energy. Conversely, the increase in Ea, which
can correspond to a less effective catalyst, will consequently reduce the reaction conversion
and product yield. This Ea increase will also lead to an increase in the heat duty required in
the cooler (see Table 27 for the deviation and Table S22—Supplementary Material—for the
results).
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Table 27. Effect of the activation energy on the cooler duty.

∆QH2O (%) ∆Qcooler (%)

−20 19.6
−10 16.5

0 0.0
10 −17.2
20 −26.4

The results of this sensitivity analysis highlight the importance of the catalyst choice.
They also help to identify the critical aspects for further optimization, such as the kinetics
governing lignin depolymerization and the kinetics of the repolymerization reactions,
which will help to better estimate the chemical equilibrium.

4. Conclusions

This work was based on the simulation of biomass liquefaction using model com-
pounds to describe the complex structures of the biomass components, as well as simplified
kinetics to describe the depolymerization and decomposition reactions. Model validation
of the studied direct liquefaction process shows a deviation of 6.4% between the model and
the experimental run. As such, it is possible to conclude that the selected model compounds
and thermodynamic model are an adequate description of the real process. The liquefaction
process was demonstrated to be robust and versatile in producing a liquid biofuel as well as
added-value compounds. An additional simulation was performed analyzing the tolerance
of the process towards varying the feedstock composition and the potential savings that
can be obtained by using liquid biofuel instead of a fossil fuel (such as petroleum coke) in
the adjacent cement production plant. We can conclude that the Energreen process can deal
with biomass feedstocks of significantly differing compositions.

The results of the sensitivity analysis highlight the impact of different parameters
on the output of the model and of the process itself. The parameters that most strongly
affect the output were found to be the temperature and the reaction activation energy,
the former due mainly to the volatility of the solvent and the latter due to the expected
effects of the catalyst choice. The model initially uses a simplified kinetic model and further
refinement is necessary to optimize reactor operating conditions, particularly in considering
repolymerization kinetics. Overall, the presented model provides an accurate description
of the process itself and will be a powerful tool for operational optimization.

Supplementary Materials: The following supporting information can be downloaded at: https:
//www.mdpi.com/article/10.3390/fuels4020014/s1, Table S1: Reaction rate at different temper-
atures for cellulose decomposition. Table S2: Reaction rate at different temperatures for glucose
decomposition. Table S3: Reaction rate at different temperatures for 5-HMF decomposition. Table S4:
Stream results (kg/h) for simulation with sample 1 of biomass. Table S5: Stream results (kg/h) for
simulation with sample 2 of biomass. Table S6: Stream results (kg/h) for simulation with sample 3 of
biomass. Table S7: Results of stream flow (kg/h) at different temperatures. Table S8: Results of yield
and conversion at different temperatures. Table S9: Results of cooler duty at different temperatures.
Table S10: Results of stream flow (kg/h) at different purges. Table S11: Results of yield and conversion
at different fraction purges. Table S12: Results of cooler duty at different fraction purges. Table
S13: Results of stream flow (kg/h) at different biomass moisture. Table S14: Results of yield and
conversion at different biomass moisture. Table S15: Results of cooler duty at different moisture.
Table S16: Results of stream flow (kg/h) at different biomass/solvent ratio. Table S17: Results of
yield and conversion at different biomass/solvent ratio. Table S18: Results of cooler duty at different
biomass/solvent ratio. Table S19: Ea values (kJ/mol) for each deviation. Table S20: Results of stream
flow (kg/h) at different Ea. Table S21: Results of yield and conversion at different Ea. Table S22:
Results of cooler duty at different Ea.

https://www.mdpi.com/article/10.3390/fuels4020014/s1
https://www.mdpi.com/article/10.3390/fuels4020014/s1
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