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Abstract

:

This work investigates the impact of fluid (CO2(g), water) flow rates, channel geometry, and the presence of a surfactant (ethanol) on the resulting gas–liquid flow regime (bubble, slug, annular), pressure drop, and interphase mass transfer coefficient (   k l  a  ) in the FlowPlateTM LL (liquid-liquid) microreactor, which was originally designed for immiscible liquid systems. The flow regime map generated by the complex mixer geometry is compared to that obtained in straight channels of a similar characteristic length, while the pressure drop is fitted to the separated flows model of Lockhart–Martinelli, and the    k l  a   in the bubble flow regime is fitted to a power dissipation model based on isotropic turbulent bubble breakup. The LL-Rhombus configuration yielded higher    k l  a   values for an equivalent pressure drop when compared to the LL-Triangle geometry. The Lockhart–Martinelli model provided good pressure drop predictions for the entire range of experimental data (AARE < 8.1%), but the fitting parameters are dependent on the mixing unit geometry and fluid phase properties. The correlation of    k l  a   with the energy dissipation rate provided a good fit for the experimental data in the bubble flow regime (AARE < 13.9%). The presented experimental data and correlations further characterize LL microreactors, which are part of a toolbox for fine chemical synthesis involving immiscible fluids for applications involving reactive gas–liquid flows.
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1. Introduction


Process intensification via miniaturization is a method of rendering reactors more efficient, economical, environmentally friendly, and safer through a reduction in volume. The smaller length scales enhance heat and mass transfer rates by providing greater vessel specific areas and reducing transport distances. These improvements in transport rates, as well as the smaller working volumes, allow highly exothermic reactions to be run safely with less dilution and better yields [1]. In particular, continuously operated micro- and milli-scale reactors offer these advantages at production rates relevant to the pharmaceutical industry, which are typically less than 600 g/min [2]. In multiphase systems, small reactor dimensions have the added benefit of creating more consistent dispersions (e.g., segmented flow) and higher interfacial areas, which yield higher and more predictable mass transfer rates [3]. However, continuous-flow microreactor technology is still a relatively young field. Therefore, further characterization must be performed for different types of reactors and fluids systems to enable process design and thereby drive more widespread use.



Several gas–liquid microreactor technologies (e.g., falling films, static mixers, tubular, membranes, packed beds) have been proposed for various applications and production rates [4,5]. In particular, the CorningTM Advanced-Flow™ reactor with heart-shaped mixing structures [6,7,8] and the FlowPlateTM reactor with LL (liquid-liquid) structures [9,10] can operate at relatively high throughputs and use Venturi-like contractions followed by chambers containing flow-impinging obstacles in order to change the magnitude and direction of the flow field. Specifically, the LL mixer focuses the immiscible fluids onto an obstacle that breaks the dispersed phase and desynchronizes the fragments. Variable volume chambers and non-symmetrical rhomboidal or triangular obstacles with varying orientations at each consecutive mixing unit act together to reduce re-coalescence. The FlowPlateTM reactor is offered in a variety of mixer and plate sizes rated for different flow rate ranges [11].



In gas–liquid reactions, the flow morphology has a determining impact on the specific area available for interphase mass transfer and on the pressure drop. Although many flow regimes have been identified, this work focuses on three main regimes: bubble flow, slug flow, and annular flow. Many methods for identifying these flow regimes have been used in the past, with the simplest being visual identification [12]. Additionally, several mechanisms have been proposed to predict the conditions under which flow regime transitions occur [13,14], but agreement over a large range of fluid physical properties and channel geometries has been poor [15]. For this reason, the comparison of empirically determined regime transitions from similar systems has been preferred by some authors [12,13,14,15,16] and will be used in this study.



Previous work has demonstrated the applicability of LL-Reactors for liquid–liquid systems with varying physical properties over a range of production rates relevant to the pharmaceutical industry [17,18]. It was shown that a two-phase flow regime identification via visualization is crucial in understanding changes in the interphase mass transfer rates with flow rate, allowing for the development of an effective scale-up methodology [9,17,18]. In particular, in liquid–liquid systems, the onset of the drop flow, which is analogous to bubble flow in gas–liquid systems, was identified as a key parameter in scale-up, since the interphase mass transfer rates depend on the energy dissipation rate resulting from chaotic advection and not on reactor geometry in this regime [18]. As such, the aim of this work is to investigate the applicability of LL-Reactors in gas–liquid systems by identifying key performance parameters in order to advance the toolbox approach developed by Plouffe et al. [10], as has been done for liquid–liquid reactions. First, the flow regimes are visually identified; next, the two-phase pressure drops over the length of the reactor are measured and analyzed; then, the mass transfer rates are measured using physical CO2 absorption experiments, and the data are analyzed and correlated in terms of a volumetric mass transfer coefficient (   k l  a  ). The analysis includes a range of gas and liquid flow rates, LL-Reactors using a rhombus or triangle as the obstacle, and a liquid phase with or without the addition of a surfactant.




2. Materials and Methods


A schematic of the experimental set-up is presented in Figure 1. The gas and liquid were fed continuously into the microreactor system via a BronkhorstTM mini CORI-FLOW™ M12V10I mass flow controller (MFC) with an accuracy of ± 0.5% of flow rate and a HiTec Zang SyrDos™ 2 syringe pump equipped with 25 mL DURANTM borosilicate glass syringes, respectively. The microreactor system utilizes a FlowPlateTM Lab manufactured by Ehrfeld Mikrotechnik GmbH, which features a quartz viewing glass. Each reactor plate consists of a series of 21 micromixers machined into a size ISO 216 A7 (74 × 105 mm) HastelloyTM C-22TM plate, with a total reaction zone volume of 0.95 mL. The characteristic lengths of the mixing units are taken at the contraction, where the width ( w ) is 0.5 mm and the depth ( δ ) is 1.25 mm, resulting in a hydraulic diameter (   d h   ) of 0.714 mm. The mixer arrangement and geometry are presented in Figure 2. Two mixer geometries were used—the LL-Rhombus and LL-Triangle—which differ only in the geometry of the obstacle. Both FlowPlatesTM were operated horizontally and at ambient temperature (25 °C).



The gas used is carbon dioxide (≥99.99 vol%, Linde AG), while the liquid was either deionized water or a 0.5 wt% ethanol in water solution to investigate the impact of surfactant on the flow morphology and resulting transport phenomena. The ethanol concentration is sufficient to inhibit bubble coalescence [19], but still low enough not to significantly change the liquid equilibrium physical properties [20]. In practice, it may not be possible to know the type and amount of surface-active species present in the liquid. Thus, this approach provides relative effects between two gas–liquid systems with different degrees of bubble coalescence inhibition in order to better anticipate the resulting trends in flow regime boundaries and the associated pressure drop and interphase mass transfer.



The visualizations of the flow regimes were recorded with a camera through the viewing glass on the microreactor. Pressure measurements were taken and averaged over the course of 5 min at the gas inlet and reactor outlet using an Omega PX459 differential pressure transducer (15 ± 0.012 psi) and a HiTec Zang LabBoxTM 3 M data collection system in order to determine the pressure drop across the reactor. Interphase mass transfer rates were determined using physical CO2 absorption experiments. The CO2 concentrations in the liquid feed and outlet were measured via the Warder titration [21] of 5 mL samples with phenolphthalein and methyl orange indicators after the system had reached steady state, as observed by a constant pressure drop.



The liquid feed flow rate was varied from 5 to 40 mL/min and the gas feed flow rate was varied from 0.5 to 40 g/h for CO2-deionized water flowing through the LL-Rhombus, whereas the impact of obstacle geometry and surfactant were conducted at liquid flow rates of 10 and 20 mL/min. Average gas velocities between the reactor inlet and outlet are reported throughout, considering the consumption of CO2 via absorption (up to 73% at lower gas flow rates) and gas expansion due to pressure losses (up to 0.44 bar). The superficial velocities are based on the mixer contraction cross-sectional area, which is where the kinetic energy is greatest.




3. Results


3.1. Flow Regimes


In the flow regime identification, the first few mixers were ignored, since flow typically does not develop fully until the end of the first row of mixers. Regimes are shown in Figure 3 and were identified as one of the following based on distinct criteria: bubble flow, where gas bubbles are nearly spherical with a diameter less than half the mixer’s largest width; slug flow, where the gas bubbles are nearly the mixer’s width and elongated; and annular flow, where an uninterrupted gas core surrounded by a liquid film spans the length of the reactor (after flow is established following the first row of mixers). The bubble flow regime thus includes dispersed bubble flow and bubbly flow, while the annular flow regime comprises the slug-annular and churn flow regimes used by Triplett et al. [22], since differentiating between different annular sub-regimes is difficult for the scales and geometries of the mixers. Flow may also exhibit the characteristics of two or more flow regimes, whether in one region over a span of time or in many regions at a given time, especially near transition boundaries, so “mixed” regimes are therefore identified where necessary.



In larger-scale channel flows, gravitational effects have a significant impact on the two-phase flow. However, in microchannels the interfacial tension and wetting properties are dominant compared to gravitational forces, and the flow may be treated as if it were under microgravity conditions. This means that the flow is independent of the channel orientation and that flow regimes caused by gravity-induced phase separation will not occur. Ullmann and Brauner [13] propose that Eo ≲ 1.6 as the requisite condition for using microchannel models. From Equation (1), the Eötvös number at the widest part of the LL mixers used in this work is  ∼ 0.85 (width and depth of 5 and 1.25 mm, respectively), satisfying the condition for pseudo-microgravity flow and indicating that flow regime transitions should be treated as such.


  E o =     Δ ρ g δ w  σ   



(1)







3.1.1. Effect of Gas and Liquid Flow Rates


Figure 4 presents flow regime maps prepared for the LL-Rhombus and LL-Triangle geometries using the coordinates of gas and liquid superficial velocities, with the transition lines of Triplett et al. [22] for air–water flow in a 1.097 mm-diameter circular microchannel (  E o ≈ 0.16  ) superimposed as reference. The flow regime map of Triplett et al. [22] has served as a basis of comparison for many authors, including Yue et al. [16], who used a rectangular microchannel with a hydraulic diameter of 0.667 mm with a CO2-water fluid system (  E o ≈ 0.067  ). Notable deviations from the transition boundaries of Triplett et al. [22] include an onset of bubble flow from slug flow at lower liquid velocities in the LL-Reactors and the presence of the annular flow regime at lower gas flow rates in the LL-Rhombus than in the LL-Triangle.



Bubble flow can also be less predominant in the LL-Triangle than in the LL-Rhombus since the flat wall of the triangular obstacle impinges on incoming flow and abruptly redirects it toward the curved sides of the mixer [17]. Centrifugal forces then push the denser liquid phase toward the walls of the mixer, creating a greater gas holdup in the center of the mixer. Furthermore, the shape of the triangle will create a larger fluid recirculation zone beside the hypotenuse of the right triangle obstacle than is generated along the long leeward side of the rhombus. The combination of the sharper redirection of the flow and the larger recirculation zone on the leeward side of the obstacle promotes bubble coalescence, as shown in Figure 5. Note that the gas bubble attached to the triangle obstacle remains fixed over time, suggesting that parallelization of gas and liquid flows is present. In contrast, the narrow point of the rhombus obstacle causes a more gradual flow redirection and less opportunity for re-coalescence.



Furthermore, the annular flow regime occurs at greater gas velocities in the LL-Triangle than in the LL-Rhombus due to the aforementioned impingement caused by the flat face of the triangle. Annular flow occurs when the inertia of the gas core is strong enough to overcome interfacial tension forces, among other factors [13]. When the fluids collide with the triangular obstacle, energy from the flow is dissipated into chaotic eddies that deform the gas-liquid interface. The resulting disruption of the gas core causes the slug-to-annular transition to shift to higher gas velocities in the LL-Triangle than in the LL-Rhombus, where the sharp and relatively narrow point of the rhombus causes less disruption in flow.




3.1.2. Effect of Surfactant


When the aqueous 0.5 wt% ethanol solution was used as the liquid phase, bubble flow was the dominant two-phase flow regime, being present at all the tested flow rate pairings, as shown in Figure 6. This is due to the surfactant decreasing surface forces, which promotes bubble breakage, as well as forming a film at the gas-liquid interface that inhibits bubble coalescence (Gibbs–Marangoni effect), thereby allowing bubble flow to persist at lower liquid velocities (i.e., lower energy input). At greater gas velocities, the encountered bubble flow resembled a froth that appears to move as a single fluid, as shown for the LL-Triangle geometry in Figure 7.





3.2. Pressure Drop


3.2.1. Impact of Operating Conditions


For deionized water as the liquid phase, as shown in Figure 8a, the pressure drop was found to increase with the liquid and gas velocities, although the liquid flow has a more prominent effect. Furthermore, the two-phase pressure drops remain greater for the LL-Triangle compared to the LL-Rhombus due to the impingement of flow against the flat face of the triangular obstacle and because the triangle forms a longer narrow flow channel with the outer wall of the mixing unit. In both LL-plates, the increase in pressure drop with increasing gas flow rate is initially more rapid followed by a decrease in slope that generally coincides with the transitions to slug or annular flow, as seen in Figure 4.



An increase in the gas or liquid velocities also raises the pressure drop when using the aqueous ethanol solution, as shown in Figure 8b, but the impact of liquid velocity is lower. Furthermore, the effect of obstacle geometry is rendered marginal, and the abrupt slope decrease with increasing gas velocity is generally not observed due to the employed range of gas and liquid velocity combinations resulting only in bubble flow (Figure 6). The pressure drop was also generally greater when the surfactant was present, especially at higher gas velocities, since many small bubbles results in a frothy mixture, which would increase the effective drag force between the gas and liquid phases and therefore lead to a higher local liquid velocity.




3.2.2. Model


The data from both the water and aqueous ethanol solution were fitted to the two-phase flow model of Lockhart–Martinelli [23], which adds a two-phase friction multiplier,    ϕ 2   , to the pressure drop gradient of a single phase, as seen in Equation (2). The two-phase friction multiplier is a function of the Martinelli parameter,  χ , and of the Chisholm parameter,   C h   (Equations (3) and (4)). Since liquid is the wetting phase of the reactor and has the greater pressure-drop gradient, this phase and its associated friction multiplier    ϕ l 2    were chosen for the model.


     (    Δ p   Δ L    )    T P F   =  ϕ l 2     (    Δ p   Δ L    )   l  =  ϕ g 2     (    Δ p   Δ L    )   g   



(2)






   ϕ l 2  = 1 +   C h  χ  +  1   χ 2     



(3)






  χ =    m l     m g         ρ g     ρ l      =    u l     u g         ρ l     ρ g       



(4)







First, the liquid-only friction factors were calculated using the Darcy–Weisbach equation, with the number of mixers, N, replacing the traditional L/dh term (Equations (5) and (6)). The calculated friction factors were then correlated with the Blasius equation (Equation (6)), where  y  values of 1 and 0 correspond to fully laminar and turbulent flow, respectively. Table 1 lists the resulting fit for each LL-plate, showing greater values of  c  for the LL-Triangle due to the blunt obstacle but significant and similar levels of turbulence in the liquid phase for both geometries.


  Δ  P l  =  f l   N  m i x e r    (     ρ l   u l 2   2   )   



(5)






   f l  =   Δ P    N  m i x e r      2  ρ  u l 2    =  c  R  e l y     



(6)







Alternatively, and analogous to flow in a packed bed, the liquid-only pressure loss can be modeled with a friction factor (   f l  =  f  l a m   / R e +  f  t u r b    ) having contributions from both laminar (   f  l a m    ) and turbulent (   f  t u r b    ) flow terms to represent a gradual transitional regime [9]. Despite   R  e l    being 213–856 at the contraction, the laminar contribution to the pressure drop ranges from 8% to 29% for both the LL-Rhombus and LL-Triangle, which is relevant to the bubble breakdown mechanism with increasing power dissipation within the bubble flow regime.



Although Ch typically ranges from 5 to 20 depending on the flow regimes of the gas and liquid phases, many attempts have been made to correlate Ch to reactor geometry and flow parameters [16,23,24]. Yue et al. [16] suggest that the effects of gas and liquid mass flux on Ch are significant in microchannels and used gas-only and liquid-only Reynolds numbers in their model. A similar approach was used in this work (Equation (7)), though the superficial velocity ratio was used in place of the gas Reynolds number, since gas viscosity was not thought to significantly impact the two-phase pressure drop.


  C h =  β 0  R  e l  −  β 1       (     u g     u l     )    −  β 2     



(7)







The pressure drop data were fit with the Talwar robust regression model as implemented in MATLABTM 2020a, and the results for each geometry and liquid phase used are shown in Table 2. The impact of geometry on the two-phase friction multiplier for the CO2-liquid water system was insignificant, whereas it is marginal for the CO2-aqueous ethanol system where the pressure loss gap observed in single phase flow is diminished in two-phase flow.



The forecasted values show a good agreement with the experimental results as seen in Figure 9. For all fitted models, the average absolute relative error (AARE) is less than 8.1% and the maximum error is less than 37%, while the bias factor Fm is between 0.96 and 1.04.





3.3. Volumetric Liquid-Side Mass Transfer Coefficient (kla)


The interphase mass transfer coefficient for a gas–liquid system is determined through a plug flow material balance over the volume of the reactor. Since nearly pure CO2 was used as the gas phase, all resistance to mass transfer must exist in the liquid phase. Therefore, the volumetric liquid-side mass transfer coefficient,    k l  a  , is calculated via a mass balance on the dissolved gas in the liquid phase. If the phase holdups are unknown, then the specific surface area,  a , is taken per unit volume of reactor according to Equation (8).


   k l  a  (   C *  − C  )  =  Q l   (    d C   d  V R     )   



(8)







Here,  C  is the dissolved CO2 concentration in the bulk liquid phase and    C *    is the liquid-side interfacial CO2 concentration, which is equal to the equilibrium concentration as determined by Henry’s law in Equation (9). At 25 °C, the value of   H  e g    for CO2 in water was taken as 0.034 mol/(kg·bar), and measured dissolved CO2 concentrations in the liquid phase at the outlet were below 95% of saturation for the range of operating conditions.


   C *  =  P g  H  e g   



(9)







The integration of (8) over the reactor volume allows for average    k l  a   determination by measuring the inlet and outlet concentrations of the dissolved CO2 concentration according to Equation (10):


   k l  a =    Q l     V R    ln  (     C *  −  C  i n      C *  −  C  o u t      )   



(10)




where    C *    is calculated using the average pressure between the inlet and outlet of the reactor, and    C  i n     and    C  o u t     are the dissolved CO2 concentrations in the feed (taken as 0 after measuring via titration) and at the outlet of the reactor, respectively.



3.3.1. Impact of Operating Conditions


For deionized water as the liquid phase, as shown in Figure 10a,    k l  a   is greater at higher liquid velocities and increases monotonically with gas velocity before plateauing. Greater liquid velocities enhance bubble breakage and surface renewal via chaotic advection. Similarly, the initial rapid increase in    k l  a   with gas velocity is caused by the corresponding fast increase in power dissipation (i.e., pressure drop) and gas holdup in bubble flow. The later, slower increase in    k l  a   with    u g    appears to be due to a rise in the length of gas bubbles in slug flow, whereas the plateau is brought on by the onset of annular flow (as seen on flow regime maps of Figure 4), which are both changes in flow regime that decrease the bubble-specific area. The LL-Rhombus also produces higher    k l  a   values than the LL-Triangle for fixed flow conditions. As discussed in Section 3.1, the triangle obstacle is more prone to bubble coalescence due to redirection and recirculation of flow around the obstacle, which causes the onset of slug flow to occur at lower liquid velocities and would thereby decrease the interfacial area available for mass transfer.



Figure 10b, when ethanol is present, shows a similar impact of liquid and gas velocities, where the    k l  a   values eventually reach a plateau at the greater gas velocities for a given liquid velocity. As with the pressure drop data, the impact of obstacle geometry is again marginal. For given fluid velocities and geometry,    k l  a   values were generally higher with ethanol present due to the greater resulting specific interfacial area. Here, the plateau in    k l  a   occurred when the flow resembled a froth where the chaotic eddies in the liquid phase were likely dampened or too small, such that their effective contribution towards surface renewal and interfacial breakdown is decreased [13,25].



The extraction efficiency,  E , can also be used to examine the relative effects of increasing the gas and liquid velocities on CO2 absorption, and it is calculated according to Equation (11), where C* is calculated at the outlet pressure.


  E = 1 −    C *  −  C  o u t      C *  −  C  i n     =    C  o u t      C *     



(11)







With deionized water (Figure 11a), increasing the liquid velocity results in a decrease in the extraction efficiency, indicating that the loss in residence time has a greater impact than the increase in    k l  a  . Conversely, increasing the gas velocity results in higher extraction efficiencies that reach plateaus coinciding with the flow regime changes seen in Figure 4. These effects are observed in both obstacle geometries, with the LL-Rhombus producing overall higher extraction efficiencies than the LL-Triangle.



Similar trends are observed when 0.5 wt% aqueous ethanol is used (Figure 11b). Increasing the liquid velocity again results in a decrease in  E  due to the loss in residence time, while increasing the gas velocity generates higher  E  values until the plateau is reached, corresponding to the formation of a froth. With surfactant, however, the effect of geometry is less pronounced than when water alone is used, and both reactors produce similar extraction efficiencies over the range of flow rates tested.




3.3.2. Model


The    k l  a   can be modelled as a function of power dissipation,  ϵ , and the superficial velocity ratio, using Equation (12) [6].


   k l  a =  β 3   ϵ   β 4       (     u g     u l     )     β 5     



(12)







The parameter    β 3    correlates positively with conditions favouring interfacial area creation, such as low interfacial tension. For dense bubbly flow dispersed by isotropic turbulent flow, the value of    a   ε g      is proportional to    ϵ  0.4      (     u g     u l     )    − 0.6     [13]. Furthermore,    k l    has been found to be proportional to    ϵ  ~ 0.25     for bubble columns and aerated stirred vessels [26], and the gas holdup,    ε g   , has been found proportional to      (     u g     u l     )    ~ 1.2     for the CorningTM Advanced-Flow™ reactor for 0.3 <      u g     u l      < 6.7 [6]. The combined effect on  a  and    k l    would then yield    β 4    ≈ 0.65 and    β 5    ≈ 0.6.



The power dissipation is calculated from the pressure drop using the following equation, assuming no slip between the phases.


  ϵ =   Δ  P  T P F    Q t     ρ l   V R    .  



(13)







The parameters of the    k l  a   model described by Equation (12) were fitted to the bubble flow regime data, where the    k l  a   had not yet plateaued. Considering the confidence intervals for the model parameters, the data of all four combinations of liquid phases and reactor geometries were ultimately pooled, suggesting that the obstacle shape and presence of ethanol have statistically marginal effects on the values of    k l  a   for a given flow superficial velocity ratio and power dissipation. The resulting parameter values are given in Table 3, along with the upper and lower 95% confidence intervals. The associated parity plot is presented in Figure 12, where the AARE is 13.9% and the bias factor    F m    is 1.05. Furthermore, the value of    β 4    is 0.55, close to the expected value of 0.65 discussed earlier, indicating that the power dissipation model approach is appropriate.






4. Conclusions


With a flowing CO2-water mixture, the LL-Rhombus and LL-Triangle produce flow regime maps comparable to those of microchannels with a hydraulic diameter of a similar size to the contraction of the LL-Reactors. However, the unique geometry decreases the range of slug flow in favor of bubble flow for low gas velocities and in favor of annular flow for high gas velocities. The LL-Rhombus is favorable to the LL-Triangle from a flow morphology perspective, since the more gradual deviation of flow around the obstacle lowers the opportunity for bubble re-coalescence. Furthermore, the LL-Rhombus is generally able to achieve higher    k l  a   values at lower pressure drops for a given flow rate than the LL-Triangle. Finally, the addition of ethanol surfactant to the liquid water caused bubble flow to be present at every operating condition tested.



The Lockhart–Martinelli two-phase pressure drop model is accurate for each data set studied (AARE < 8.1%), including for the frothy flow resulting from the aqueous ethanol, but it is limited to the fitted parameters, which are specific to the combination of phases and geometries. A power dissipation-based    k l  a   model was shown to be accurate in predicting interphase mass transfer rates within the bubble flow regime for all flow systems (AARE < 13.9%), with the exponential fit of the power dissipation term similar to the expected value based on isotropic turbulent bubble breakage.
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Abbreviations




	
Nomenclature (units):




	
  a  

	
Bubble interfacial area per unit reactor volume [m2/m3]




	
AARE

	
Average absolute relative error    (   1 n    ∑   i = 1  n     |  P r e  d i  − E x  p i   |    E x  p i    × 100 %  )    [%]




	
c

	
Parameter in Equation (6) [-]




	
C

	
Concentration [mol/m3]




	
C*

	
Equilibrium concentration [mol/m3]




	
Ch

	
Chisholm parameter [-]




	
dh

	
Hydraulic diameter of channel [m]




	
E

	
Extraction efficiency [-]




	
Eo

	
Eötvös number [-]




	
fl

	
Liquid phase friction factor [-]




	
flam

	
Laminar friction factor contribution [-]




	
fturb

	
Turbulent friction factor contribution [-]




	
    F m    

	
Bias factor    (  exp  [   1 n    ∑   i = 1  n  l n  (    P r e  d i    E x  p i     )   ]   )    [-]




	
g

	
Gravitational constant [m/s2]




	
He

	
Henry’s constant [mol/(kg·bar)]




	
    k l  a   

	
Volumetric liquid-side mass transfer coefficient [s−1]




	
( Δ )L

	
Length of channel [m]




	
m

	
Mass flow rate [kg/s]




	
   A A R E   

	
Average absolute relative error    (   1 n    ∑   i = 1  n     |   P i  −  E i   |     E i    × 100 %  )    [%]




	
Nmixer

	
Number of mixers [-]




	
P

	
Pressure [Pa]




	
∆P

	
Pressure drop [Pa]




	
Q

	
Volumetric flowrate [m3/s]




	
Re

	
Reynolds number [-]




	
u

	
Superficial velocity [m/s]




	
VR

	
Reactor volume [m3]




	
w

	
Width of channel [m]




	
y

	
Parameter in Equation (6) [-]




	
Greek Symbols [units]




	
  β  

	
Fitting parameter [-]




	
  δ  

	
Channel height [m]




	
  ϵ  

	
Energy dissipation rate [W/kg]




	
    ε g    

	
Gas holdup [-]




	
  ρ  

	
Density [kg/m3]




	
∆ ρ 

	
Difference in density between liquid and gas [kg/m3]




	
  σ  

	
Surface tension [N/m]




	
    ϕ 2    

	
Two-phase friction multiplier [-]




	
  χ  

	
Martinelli parameter [-]




	
Indices




	
g

	
Gas phase




	
l

	
Liquid phase




	
t

	
Total




	
TPF

	
Two-phase flow
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Figure 1. Set-up of flow visualization, pressure drop, and interphase mass transfer experiments. 
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Figure 2. Geometry of FlowPlateTM and mixing elements: (a) LL (liquid-liquid)-Reactor (triangle) size A7 plate arrangement [17] (licensed under https://creativecommons.org/licenses/by/4.0/); (b) three-dimensional visualization and characteristic dimensions of the (rhombus) mixing element; and (c) repeating mixing elements in the LL-Rhombus and LL-Triangle [17] (licensed under https://creativecommons.org/licenses/by/4.0/). 
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Figure 3. Flow regimes identified in this work. (a) Bubble flow, (b) slug flow, (c) annular flow. 
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Figure 4. Flow regime maps of (a) LL-Rhombus and (b) LL-Triangle, with deionized water as liquid phase. 
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Figure 5. Flow in LL-Triangle (a) demonstrating increased gas holdup in the center of the mixer, a behavior that is absent in the LL-Rhombus (b) under the same flow rates. Liquid velocity is 0.53 m/s, and gas velocity is 0.080 m/s in the LL-Triangle and 0.081 m/s in the LL-Rhombus. 
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Figure 6. Flow regime maps of (a) LL-Rhombus and (b) LL-Triangle, with 0.5 wt% aqueous ethanol solution as the liquid phase. 






Figure 6. Flow regime maps of (a) LL-Rhombus and (b) LL-Triangle, with 0.5 wt% aqueous ethanol solution as the liquid phase.



[image: Fluids 05 00223 g006]







[image: Fluids 05 00223 g007 550] 





Figure 7. Flow in the LL-Triangle mixer demonstrating the effect of an increased gas flow rate on the flow morphology where surfactant is present. Gas velocities are (a) 0.091 m/s and (b) 0.65 m/s, and the liquid velocity is 0.27 m/s. Note that (a) demonstrates bubble flow, and (b) demonstrates bubble flow with froth formation. 






Figure 7. Flow in the LL-Triangle mixer demonstrating the effect of an increased gas flow rate on the flow morphology where surfactant is present. Gas velocities are (a) 0.091 m/s and (b) 0.65 m/s, and the liquid velocity is 0.27 m/s. Note that (a) demonstrates bubble flow, and (b) demonstrates bubble flow with froth formation.



[image: Fluids 05 00223 g007]







[image: Fluids 05 00223 g008 550] 





Figure 8. Pressure drop over varying liquid and gas velocities in the LL-Rhombus (R) and LL-Triangle (T) reactors with (a) water and (b) 0.5 wt% aqueous ethanol as the liquid phase. 
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Figure 9. Parity plot of predicted vs. measured pressure drop values. 
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Figure 10. Comparison of    k l  a   at varying gas and liquid flow rates in the LL-Rhombus (R) and LL-Triangle (T) with (a) water and (b) 0.5 wt% aqueous ethanol as the liquid phase. 
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Figure 11. Comparison of the extraction efficiency,  E , at varying gas and liquid flow rates in the LL-Rhombus (R) and LL-Triangle (T) with (a) water and (b) 0.5 wt% aqueous ethanol as the liquid phase. 
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Figure 12. Parity plot of the predicted vs. measured    k l  a   values in the bubbly flow regime. 
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Table 1. Correlated Blasius equation parameters and 95% confidence intervals for LL-Rhombus and LL-Triangle geometries for 214 < Rel < 856.
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	Geometry
	c
	y





	LL-Rhombus
	3.68 ± 0.76
	0.18 ± 0.035



	LL-Triangle
	5.01 ± 0.23
	0.18 ± 0.008
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Table 2. Correlation parameter values and 95% confidence intervals for the tested geometries and continuous phases. For the CO2-water and rhombus data, 214 < Rel < 856 and 0.15 < ug/ul < 36.5. For all other data, 214 < Rel < 428 and 0.14 < ug/ul < 18.0.
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Continuous Phase

	
Geometry

	
β0

	
β1

	
β2






	
Water

	
Rhombus & Triangle

	
10,497 ± 4758

	
1.02 ± 0.070

	
0.58 ± 0.033




	
0.5 wt% aqueous ethanol

	
Rhombus

	
68,721 ± 42,191

	
1.28 ± 0.10

	
0.16 ± 0.062




	
Triangle

	
51,761 ± 27,724

	
1.29 ± 0.091

	
0.20 ± 0.052
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Table 3.    k l  a   model fits and 95% confidence intervals for LL-Rhombus and LL-Triangle with water and 0.5 wt% aqueous ethanol as the liquid phases over the ranges of 0.565 <  ϵ  < 6.91 W/kg and 0.14 <    u g  /  u l    < 0.56.






Table 3.    k l  a   model fits and 95% confidence intervals for LL-Rhombus and LL-Triangle with water and 0.5 wt% aqueous ethanol as the liquid phases over the ranges of 0.565 <  ϵ  < 6.91 W/kg and 0.14 <    u g  /  u l    < 0.56.





	Parameter
	β3
	β4
	β5





	Value
	0.124 ± 0.022
	0.55 ± 0.12
	0.41 ± 0.11
















	
	
Publisher’s Note: MDPI stays neutral with regard to jurisdictional claims in published maps and institutional affiliations.











© 2020 by the authors. Licensee MDPI, Basel, Switzerland. This article is an open access article distributed under the terms and conditions of the Creative Commons Attribution (CC BY) license (http://creativecommons.org/licenses/by/4.0/).






media/file13.jpg
Gas bubbles





media/file4.png
w= 0.5 mm
A\ T 6 =125 mm
~;1.',.'"I-'. Y ~‘] L d,=0.714 mm

Structure Repeating element

LL-Rhombus €>

LL-Triangle s





media/file18.png
Predicted AP [bar]

=
[a—

0.01

0.01 0.1 ]
¢ H20R o /1
+ ’f ,f
o FtOH R ’ . :
AH20T &
AFtOH T o ,/ -20%
s '
Lo ol
f/f A i
0.01 0.1 ]

Experimental AP [bar]

0.1

0.01





media/file21.jpg
o8

06

04

B, s RN O]
4 o8 s i
LI RN
. ] o
o
£ o 4
vouamir | “os S—
perchiney T
Sk | oy “ossmarpon
ommer |02 Sos7maro
Sgmr| S0 meron
PR g w0 o
) i






media/file3.jpg
W=05 mm
b §=125m
4,=0714 mm

€

Structure Repeating element






media/file22.png
>’ ew

B %%

€027 m/s R
€040 m/s R
€053 m/sR
¢1.07m/sR
A027m/s T

A0S3m/sT

8

10

0.8

0.6

0.4

0.2

€0.27 m/s R EtOH
¢ 0.53 m/s R EtOH
A0.27 m/s T EtOH
A0.53 m/s T EtOH

u, [m/s]

4






media/file19.jpg
TR
S0s0msR
S0S msR
SL0TmeR
2027msT
2053 msT

02w REOT
#0553 mis REOH
2027 mis TEOI
2053 ms TEOH






media/file7.jpg
s

01

* Bubbie

“ BubeSiug o S+ Aunlar  —Transfion Lines of Tplett tal
B P o
(1 Bl
) : '
: &% v -
4 “oves
8/ i
o “
R a—

0





media/file10.png





media/file14.png
Gas bubbles






media/file11.jpg
w ms]

o1

ool

* Bubble
01

+ BubberSiug
'

i

Aumlar

— Trasiton Lines o Trplet et l.

o1

0

o

o1

G

sl

O]

o1

o1






media/file6.png
Gas bubbles Gas slug

Gas core






media/file15.jpg
(2]

]

€027misR 107 msR] 03 [[SozrmsREOH]
cosmsR a0zmaT] oo [[eosmenron
0Smen s0sima] 77w T
3 051 ms 0 -
-
. z .
|
. " P
P 3 . . 2
1% 2
$y % S
.
u [m's]  [ws]





nav.xhtml


  fluids-05-00223


  
    		
      fluids-05-00223
    


  




  





media/file16.png
0.5

3
(| €027 m/sR ©1.07m/sR
i ®040m/sR A027m/sT
i €053 m/sR A0S3m/sT
L 2
&
- L 4 A
.0’ A * 4
L 2
YR X
ﬁ% . ¢
0 2 10

AP [bar]

0.5

0.4

0.3

0.2

0.1

b

40.27 m/s R EtOH

| | 0.53 m/s R EtOH
A0.27 m/s T EtOH
A0.53 m/s T EtOH

Lo ®

u, [m/s]





media/file2.png
Bronkhorst
M12V10I coriolis
MFC

CO3 (g)

Omega Differential
Pressure
Transducer PX459
0-15 PSI

Water

-

FC-1

HiTec Zang
Syringe Pump

Microreactor
System

Sample Collection
Titration for CO2 (aq) determination





media/file20.png
1.2

I €027 m/sR 0.6
:E . €040 m/s R 0
I €053 m/sR PN -
I L ¢1.07m/sR 04
I A027m/s T o o '
i * L A0S3msT | [ s

@ 3 U~
A < .
I o A® 0.2
. ¢ ¢
X 3N A 0.1

1 1 1 J 0
0 6 8 10
U, [m/s]

¢ 0.27 m/s R EtOH
¢ 0.53 m/s R EtOH
A0.27 m/s T EtOH
A0.53 m/s T EtOH






media/file23.jpg
Predicted ka [s]

0.4

o
w

o
o

o

*R H20
©R EtOH
ATH20
4 TEtOH

0.1

02 03 04 05
Measured ka [s]





media/file5.jpg
Gas bubbles

—

N

:
\





media/file24.png
Predicted ka [s™]

0.4

0.3

0.2

0.1

¢ R H20
¢ R EtOH
A TH20
AT EtOH

0.2 0.3

Measured kga [s™!]





media/file1.jpg
COxp

Bronkhorst
M12V10 coriolis
MFC

Omega Differential

Pressure

Transducer X459

01551

&

i

Water

fe1

HiTec Zang
Syringe Pump

Microreactor

System

sample Collection
Tvatonfor CO2 () determinaion





media/file12.png
U, [m/s]

10

0.1

e Bubble + Bubble/Slug ¢ Slug

0.01 0.1 1 10
= ! LI I LR L | I LN L L |: 10
! Bubble Churn
! Slug 11
C @ @& @ & © o -
i @ @ e ® & 1
lug-Annular
1 | | 1 I T | 1 L1 1 1111 0-1
0.01 0.1 1 10

u, [m/s]

Annular ——Transition Lines of Triplett et al.

0.01 0.1 1 10
10 . — T T T — T T 10
|E| Churmn
i Bubble
é 1L Slug 1
= & & & @
® @ ¢ & @
0.1 il il 0.1
0.01 0.1 1 10

u, [m/s]





media/file9.jpg





media/file0.png





media/file8.png
s]

u [

e Bubble + Bubble/Slug ¢ Slug
0.01 0.1 1 10
10 =+ T as) 10
I |E| Bubble Churn
ok o0 = = i1
® A ¢
o ¢ oo
A < ¢ B /
Slug Slug-Annular
0.1 ' — el 0.1
0.01 0.1 1 10
u, [m/s]

Annular ——Transition Lines of Triplett et al.
0.01 0.1 1 10
10 . T T T T TTT1T] T T T TTTT] T T T T TTTT]
i |E| Bubble Churn
=, 1 o 3
:3 : . A ‘ ’ ’ .....
i ’ ’ ’ ’ ’ | e
Slug Slug-Annular
OI | [ | 1 L1l
0.01 0.1 1 10
U, [m/s]

10

0.1





media/file17.jpg
Predicted AP [bar]

0.01 0.1 1
1 1
+H20R “
SEtOHR
AH20T
AEtOH T
0.1 P 0.1
0.01 0.01
0.01 0.1 1

Experimental AP [bar]





