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Abstract: Dimethyl carbonate (DMC) is an eco-friendly and sustainable compound with widespread
industrial applications. Various extensive routes have been exploited in the chemical industry to
produce DMC. However, these routes have several environmental and energy drawbacks. In this
study, a promising novel industrial scheme for the synthesis of DMC via the oxidative carbonylation
of vaporized methanol with dimethyl oxalate (DMO) as a byproduct is investigated. A methanol
conversion of 81.86% and a DMC selectivity of 83.47% were achieved using an isothermal fixed-bed
reactor at 130 ◦C. The DMC is withdrawn at a purity of >99 mol% via pressure-swing azeotropic
distillations. Heat integration was performed to optimize energy consumption, reducing the energy
requirements by 28%. An economic evaluation was performed for estimating the profitability via
cash-flow diagrams, predicting a payback period of 3.7 years. The proposed green process exhibits
several benefits, including high profitability and being environmentally friendly. It also eliminates
the use or production of hazardous materials, and it enhances safety characteristics.

Keywords: dimethyl carbonate; dimethyl oxalate; oxidative carbonylation; azeotropic distillation;
heat integration; profitability analysis

1. Introduction

Increasing attention has been paid to the sustainable development of new environ-
mentally benign chemicals for replacing widely used toxic reagents to alleviate the compli-
cations of harmful exposure and waste [1,2]. Dimethyl carbonate (DMC) is a promising
eco-friendly chemical with a wide range of industrial applications [3]. With flammability
as its sole hazard, the use of DMC eliminates the complications and precautions associ-
ated with the highly toxic phosgene and dimethyl sulfate and the carcinogenic methyl
halides [4,5].

Given the eco-friendly properties and extensive applications of DMC, its demand has
led to rapid annual growth, and the industry failed to satisfy the market needs. Much of
the demand for DMC originates from the production of polycarbonate, a polymer that is
mainly consumed in the medical-equipment and automotive industries [6]. Furthermore,
owing to its nontoxicity, biodegradability, and physicochemical properties, DMC is viewed
as a potential eco-friendly fuel additive that minimizes combustion-generated pollutants
by inhibiting soot formation in engines [7]. Despite the commercial unavailability of DMC
as a fuel additive, it exhibited similar effects to those of the oxygenate methyl tert-butyl
ether (MTBE) for improving the octane performance while reducing the harmful emissions
by >50% [6]. Additionally, the projected growth in demand extends to the use of DMC
as a chemical reagent in methylation or carbonylation processes and as an ecofriendly
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electrolyte solvent in different energy-storage devices, such as high-power density double-
layer capacitors and lithium batteries [8,9].

Various viable routes have been commercially exploited for synthesizing DMC using
a wide range of technologies and raw materials. Traditionally, DMC was produced via the
phosgenation of methanol (MeOH), which involves phosgene—a hypertoxic raw material.
Phosgene is used industrially as a reagent and an intermediate for producing various
materials, such as polyurethane12. However, its toxicological effects, mainly on the lungs
and pulmonary system, led to its classification as a class (A) poison by the US Department
of Transportation [10,11]. In spite of the high yield of the phosgene route, researchers have
been working to develop inherently safer alternative routes, such as the methanolysis of
urea, to mitigate the risks associated with the phosgenation production method [12]. The
transesterification of both urea and ethylene carbonate (EC), along with the carbonylation
of MeOH, has also been established as alternative pathways to produce DMC [13]. At
present, the transesterification routes are the main industrial production methods for
DMC. However, the high cost of feedstock for such routes limits the use of DMC as an
eco-friendly fuel additive. Hence, the development of a profitable, sustainable, and safe
route is paramount for unlocking the potential of the green compound for widespread
applications [6].

Homogeneous catalysts such as cuprous chloride can be used to produce DMC in a
slurry phase. However, such a route renders the separation of the catalyst and product
difficult and energy-intensive [14]. To overcome the problems of homogeneous catalysts,
a gas-phase oxidative carbonylation route was introduced by Curnutt and Mich [15]. A
carbon-supported cupric chloride heterogeneous catalyst was used for this one-step gas-
phase route to produce the DMC. The gas phase one-step process is economically more
attractive when compared with the slurry phase process. There are many heterogeneous
catalysts that have been investigated in the literature, and most of them are cu-based
catalysts. For instance, Cu2O, Cu/SAC, and Cu/Y-zeolite catalysts were tested in the lab
for the DMC synthesis [16–18].

Herein, a novel process scheme for the synthesis of DMC via the oxidative carbonyla-
tion of vapor-phase MeOH in the presence of a CuCl2 catalyst is presented. Fang and Cao
established the adequacy of the intrinsic double-rate kinetic scheme through experiments,
variance tests, and residue analysis [14]. Although the use of Cu-based catalysts increases
the complexity of the carbonylation reaction and introduces byproducts, such catalysts are
favorable owing to their heterogeneity, which allows for the bypassing of the difficult sepa-
ration of homogenous catalysts and the liquid-phase batch operation [14]. The byproduct
formed by the foregoing catalytic route is dimethyl oxalate (DMO), which is a versatile
feedstock to produce numerous chemicals [19]. DMO can be catalytically hydrogenated
to produce a vast array of essential chemicals, such as ethylene glycol (EG) that is widely
consumed in the manufacturing of polyester and coolant products as well as an organic
solvent [20–22]. Furthermore, this novel process has the advantage of creating an industrial
carbon cycle, as the feedstock can be directly derived from sustainable resources such as
carbon dioxide and biomass. MeOH and carbon monoxide (CO) can be produced from
carbon dioxide via the hydrogenation of formates and carbonates and the reaction with
manganese, respectively [23,24].

The objective of this study is to develop a novel process for the production of DMC
and DMO via the oxidative carbonylation of vaporized MeOH and CO. The technical
assessment is built on experimental kinetics to prepare a conceptual design for modeling
the process. The technical assessment is coupled with economic analysis for optimizing
the separation sequence and energy requirements of the process. The process safety of this
highly exothermic oxidative process is investigated.
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2. Thermodynamics and Physical Properties

Valid thermodynamic properties are paramount in the process system. Their impor-
tance is increased by the presence of the DMC-H2O and DMO-H2O azeotropes in the
separation section, which depends heavily on the prediction of reliable thermodynamic
data [25]. The vapor–liquid equilibrium (VLE) can be accurately estimated via the group-
contribution thermodynamic method (Universal Functional Activity Coefficient, UNIFAC).
This method can handle the strongly non-ideal interactions between components in the
system [26]. For the computation of such interactions, CHEMCAD was used to implement
the UNIFAC model in this study.

The ternary diagram in Figure 1 shows the UNIFAC predictions of two binary azeotropes
together with a map of the residue curves to the azeotropic nodes. The residue-curve
map represents a collection of the liquid residue curves for a one-stage batch starting from
different initial points. Combining the knowledge of the thermodynamic properties and
the residue-curve map is essential for the flowsheet development and the synthesis of the
separation train [27].
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3. Reaction Kinetics and Reactor Design
3.1. Reactions and Kinetic Model

Two reactions occur on the surface of the CuCl2 catalyst: the main reaction is for the
production of DMC and H2O, and the side reaction is for the production of the byproduct,
i.e., DMO, and H2O. Both reactions consume reactants, i.e., methanol (MeOH), CO, and O2,
with different stoichiometric ratios. The two reactions are expressed as follows [14]:

2CH3OH+
1
2

O2+CO→ (CH 3 O)2CO + H2O (1)

2CH3OH+
1
2

O2+2CO→ (CH 3 COO)2+H2O (2)
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The kinetic model for these two reactions was developed by Fang et al. with the help
of a modified Gauss–Newton method to construct the intrinsic kinetic reaction given in
Equations (3) and (4). The kinetic parameters are presented in Table 1. Variance tests and
residue analysis were performed to validate the model [14].

r1 = k1.e(
−E1
RT ).p1MeOH

a,1.p1CO
b,1.p1O2

c,1 (3)

r2 = k2.e(
−E2
RT ).p2MeOH

a,2.p2CO
b,2.p2O2

c,2 (4)

Table 1. Parameters of reaction kinetic models [14].

Reaction No.
Constant Rate of

Reaction
k (mol g−1h−1)

Activation Energy,
E (J·mol−1)

Power Exponents
a
b
c

1 0.3674 × 107 0.1589 × 105
1.402
0.953
0.005

2 0.1613 × 105 0.4038 × 104
0.728
1.031
0.172

An investigation of the thermodynamics of the two reactions revealed their equilibrium
constants to be extremely large. Consequently, backward reactions can be safely neglected,
together with any side reactions under the specified conditions. The above intrinsic reaction
rates were modified in this study by introducing the effectiveness factor, which accounts
for the mass transfer effect of the material inside the pores of the catalyst. Fang et al.
recommended the use of a copper chloride (CuCl2)-based catalyst with activated carbon
(AC1) as the first support and heteropoly acid as the second support [13]. The DMC
selectivity was maximized when the reaction was conducted at a temperature of 130 ◦C
and a pressure of 2 MPa [14].

3.2. Fixed-Bed Reactor Design

As shown in Figure 2, a fixed-bed reactor (FBR) was modeled under the assump-
tions of steady-state continuous, isothermal, and non-isobaric operation. The oxidative
carbonylation main and side reactions are highly exothermic, with reaction enthalpies of
−123.6 kJ/mol for reaction (1) and −379.2 kJ/mol for reaction (2). The reactor is operated
isothermally at a temperature of 130 ◦C and a pressure of 2 MPa. Hence, a boiler feed water
coolant inside a jacket is needed to achieve the isothermal operation at 130 ◦C. The actual
rate of reaction (ract) was modified using the effectiveness factor to consider the diffusion
of reactants and products inside the pores of the catalyst, as shown in Equations (5) and (6).

r1
act = r1.η1 (5)

r2
act = r2.η2 (6)

where η is the overall effectiveness factor, and r1 and r2 are the intrinsic reaction rates in
Equations (3) and (4), respectively. The material balance equations for each component are
given as follows:

dFCO

dV
= (−r1 − 2r2)(1−Φ)(1− ε)ρc (7)

dFO2

dV
=

(
−1

2
r1 −

1
2

r2

)
(1−Φ)(1− ε)ρc (8)
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dFMeOH

dV
= (−2r1−2r2)(1−Φ)(1− ε)ρc (9)

dFH2O

dV
= (r1 + r2)(1−Φ)(1− ε)ρc (10)

dFDMC

dV
= (r1)(1−Φ)(1− ε)ρc (11)

dFDMO

dV
= (r2)(1−Φ)(1− ε)ρc (12)

where (Φ) is the porosity of the catalyst, which was assumed to be 0.65, and (ε) is the
reactor’s voidage, which is estimated to be 0.85 owing to the rapid reaction inside the
packed bed. A further assumption is made that the catalyst particles have spherical shapes
in order to approximate the overall effectiveness. The obtained equation is as follows [25]:

ηi =
1
ϕi

 1
tan 3ϕi

− 1
3ϕi

1+ϕi
βi

(
1

tan 3ϕi
− 1

3ϕi

)
 (13)

where ϕi is the Thiele modulus, and βi is the Biot number. These terms are calculated using
the following formulas [25]:

βi =
kc,i

Dp
6

De,i
(14)

ϕi =
Dp

6

√
ki

De,i
(15)

where Dp is the diameter of the particles, which is taken here to be 0.0007 m [14]. For
the Thiele modulus evaluation and simplification, the constant rate of the reaction (ki) in
Equation (15) is assumed to be first order in CO and MeOH for both reactions. kc,i and De,i
are the mass transfer coefficient and the effective diffusivity, respectively. The mass transfer
coefficient is approximated using the following Thoenes–Kramers correlation [26]:

kc,i= DabRee
1
2 Sc

1
3
γ (1− ε)

Dppε
(16)

Here, Sc is the Schmidt number, γ is the shape factor, and Ree is given by Equation (17),
where Re is the Reynolds number. The effective diffusivity, De,i, is estimated using the
following Knudsen diffusion equation [27]:

Ree =
Re

γ (1− ε)
(17)

De,i =
ΦDab,i

τ
(18)

The tortuosity (τ) is assumed to be 3, and the mass diffusivity (Dab) is calculated as a
function of the pore diameter (Dpor), Reynolds number, temperature, and molecular weight
(MW), as follows [27]:

Dab,i =
Dpor

3

√
8RT
πMw,j

(19)
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Since the process is non-isobaric, the momentum balance is applied for the calculation
of the pressure drop inside the FBR using the following Ergun equation [28]:

dP
dV

=
Bo(1−Φ)

Ac
.
Po

P
.

FT

FTO

(20)

where Bo is a constant that depends on the particle diameter and the reactor voidage. It is
given by the following equation [28]:

Bo =
G(1− ε)
ρogcDp

[
150(1− ε)µ

Dp
+1.75G

]
(21)

Equations (5)–(21) were solved and validated using simulation software to determine
the reactor volume and effluent composition. The pressure drop through the FBR was
estimated to be 80 kPa. After the data points were validated using the kinetic model, the
volume of the reactor needed to allow the limiting reactant, i.e., O2, to be almost completely
consumed was identified as approximately 1.3 m3. Figure 3 displays the mole fraction of the
components with respect to the reactor volume used in the process flowsheet, indicating
a complete conversion of O2. Under these conditions, the per-pass MeOH conversion
and DMC selectivity were approximately 81.86% and 83.47%, respectively. The MeOH
conversion and DMC selectivity were calculated as follows:

XM =
Fin, MeOH − Fout, MeOH

Fin, MeOH
(22)

SDMC =
Fout, DMC − Fin, DMC

(Fout, DMC − Fin, DMC) + (Fout, DMO − Fin, DMO)
(23)
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4. Flammability Analysis

A flammability study was performed on the reactor influent due to the reduction in
flammability hazard as the reactions consume oxygen to produce DMC and DMO, leaving
only traces of oxygen in the reactor outlet stream. The fuel mixture in the diagram solely
consists of MeOH and CO, as shown in Table 2. The table also provides the lower and
upper flammability levels at the standard temperature and pressure (25 ◦C and 0.101 MPa,
respectively) and at 130 ◦C and 2 MPa for each component and the fuel mixture. The
analysis was conducted using the empirical equations (Equations (24)–(26)), which provide
estimates of the effects of the temperature and pressure on the flammability limits [29]:

LFL(T) = LFL(25 ◦C )− 0.75
∆Hc

(T− 25) (24)

UFL(T) = UFL(25 ◦C )− 0.75
∆Hc

(T− 25) (25)

UFL(P) = UFL(25 ◦C ) + 20.5 (log P + 1) (26)

where LFL(T) is the lower flammability limit (vol. %), UFL(T) is the upper flammability
limit (vol. %), T is the temperature (K), ∆Hc is the net heat of combustion (kcal/mol), and
P is P is the pressure (MPa).

Table 2. Results of flammability analysis for reactor influent.

Component Vol.% Yi LFL%
at 25 ◦C

UFL%
at 25 ◦C

LFL%
at 130 ◦C

UFL%
at 130 ◦C

LFL%
mix.

UFL%
mix.

MeOH 31.21 0.36 7.3 36.00 6.74 36.56 - -
CO 55.52 0.64 12.5 74.00 11.34 75.16 - -
O2 6.37 - - - - - - -
N2 6.90 - - - - - - -

Total 100 - - - - - 9.10 83.62

After the predictions of the flammability limits for the different components were
calculated, a correlation for approximating the flammability levels of mixtures was applied,
as follows [30]:

LFLmix =
1

∑n
i=1

(
Yi

LFLi

) (27)
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UFLmix =
1

∑n
i=1

(
Yi

UFLi

) (28)

where Yi is the mole fraction of component i on a combustible basis, and n is the number of
species.

Figure 4 shows the flammability diagram for the fuel/oxygen/nitrogen mixture that
flows into the reactor at a temperature of 130 ◦C and 2 MPa, with the flammability zone
indicated by red. In Figure 4, the top point on the right side, i.e., the operating point,
represents the composition of the reactor feed, which is well above both the flammability
region and the limiting oxygen concentration (LOC) line. Combustion is not possible for
any fuel concentration above the LOC line. The dilution of oxygen with an inert gas (in
this case, nitrogen) not only improves the reaction yield of the DMC but also affords a lean
mixture by maintaining the reactor influent composition outside the flammability region.
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5. Process Development

Under the adopted reaction route, the DMC process comprises three key sections: oxida-
tive carbonylation, conventional distillation, and pressure-swing azeotropic distillation. The
block flow diagram (BFD) represents the compilation of the three sections, as shown in Figure 5.
In the first section, the reaction is conducted in the presence of a heterogeneous catalyst.

The process feed consists of vaporized MeOH, CO, O2, and N2, and general plant
support requires power generation and cooling water. In the conventional distillation
section, MeOH and DMO are separated in the two columns from the reactor effluent
stream. MeOH is recycled back to the reactor, and the DMO is purified as a byproduct. The
following section describes the azeotropic separation between DMC and H2O for satisfying
the target purity of DMC. The desired purities of both products—DMC and DMO—were
set as >99 mol%.
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5.1. Process Flowsheet Simulation

The flowsheet of the process shown in Figure 6 was developed and simulated using
CHEMCAD with UNIFAC as the thermodynamic model. UNIFAC is a widely utilized
thermodynamic model that exploits structural groups for estimating component interac-
tions [31].
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The fresh feed streams are mixed with recycled MeOH and recycled gases (CO and
N2) and combined in stream 6. Prior to heating the feed, the pressure of both the liquid and
gases is increased to 2 MPa using the pump (P-101) and compressor (C-101), respectively. A
heat exchanger (E-101) is used to heat the feed to the desired temperature of 130 ◦C (403 K),
in accordance with the experiment performed by Fang et al. [14].

An inert gas N2 is essential for diluting the gaseous components, as indicated [14]. If
N2 is fed with the raw materials, a purge is needed to avoid the buildup in the vessel as the
inert is not consumed in the process. However, a purge stream would consist of toxic CO.
Therefore, N2 is introduced to the reactor only once (in the beginning) and is then recycled
within the process to avoid purging.

Subsequently, the reactor effluent is cooled and sent to a flash drum (V-101), where
non-condensable gases are separated from products and MeOH. The non-condensable
gases are recycled back and mixed with the fresh gaseous stream. The condensate stream,
which contains DMC, MeOH, H2O, and DMO, is sent to the first distillation column. MeOH
is separated as an overhead product in the first distillation column (T-101) and recycled
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back to be mixed with the fresh feed. The bottom stream is sent to a heat exchanger (E-105)
before entering the second distillation. In the second distillation column (T-102), DMO is
separated in the bottom stream with a purity of 99.9 mol%. The DMO is then cooled to be
sent to a storage tank.

5.2. Separation of Azeotropic Mixture

As shown in Figure 6, the pressure-swing technique is employed for the separation
of the azeotropic mixture of DMC and H2O. DMC is separated as a bottom product in the
distillation column (T-103), with a purity of approximately 99.78 mol%, while H2O is purified
in the distillation column (T-104) in the bottom stream, with a purity of 99.96 mol%. The high
purity of both streams eliminates the need for further purifications. The water stream is then
sent to a wastewater treatment unit. The presence of azeotropes complicates the separation
of mixtures by narrowing the feasible operation region of the vapor–liquid envelope.

In the first distillation column (T-101), an azeotropic mixture is formed between
DMC and MeOH posing a common difficult and energy-intensive separation problem [32].
However, the availability of DMO and H2O in the stream entering the distillation column
breaks the distillation boundaries restricted by the DMC-MeOH azeotrope and allows
for extractive distillation. Additionally, DMC and H2O form an azeotropic mixture that
requires the application of unconventional distillation techniques, such as pressure swing,
to attain the desired separation [33].

In this process, the azeotrope between DMC and H2O occurs at 19 bar at a DMC
composition of 19 mol%, as shown in Figure 7A. To perform the separation of DMC from
H2O, the pressure must be reduced significantly (to <0.6 bar) for avoiding azeotropic
separation, as illustrated in Figure 7C. However, this is impractical, as it would require
vacuum distillation, which is mostly expensive to operate. The implementation of the
pressure-swing technique is depicted in Figure 7. The technique allows for achieving a
DMC purity of >99 mol% at the bottom of the distillation column (T-103), which is operated
at 19 bar. The remaining DMC in the distillate stream (stream 22) has a mole fraction of
approximately 19.3 mol%, which is slightly above the azeotropic point located around
19 mol% at 19 bar. This requires the distillation column to be followed by a valve for
reducing the pressure of the mixture to a 10 bar, shifting the azeotropic point to a new
composition of DMC at 20.50 mol%, as shown in Figure 7B. By shifting the azeotropic point,
this pressure swing causes the DMC to act as the heavy component in column (T-103), and
as the light key in the following column (T-104). The DMC- H2O mixture is then sent to
another distillation column (T-104), which separates water in the bottom stream with a high
purity of approximately 99.96 mol%. The overhead of the distillation column (T-104) is
recycled back to the distillation column (T-103) after its pressure is increased back to 19 bar.
A full stream table of the process is provided in Table 3. The main design variables and
specifications for each of the DMC plant components are presented in Table 4.

Table 3. Stream information of the DMC and DMO coproduction process.

Stream No. 1 2 3 7 9 11
Temperature (◦C) 25 25 25 130 30 38.4

Pressure (bar) 1 1 1 20 19.2 20.3

Vapor mole fraction 1 1 0 1 0.6059 1

Total flow (kg/h) 3830.4 1878.8 7525.1 27,208 27,208.1 12,346.6

Total flow (kmol/h) 136.8 58.7 234.9 920.5 725 439.4
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Table 3. Cont.

Component flow rates (kmol/h)

O2 0 58.7 0 58.7 0 0

N2 0 0 0 63.6 63.6 63.6

H2O 0 0 0 0.5 118 0.4

CO 136.8 0 0 510.2 373.4 373.4

DMC 0 0 0 0.6 98.6 0.6

DMO 0 0 0 0 19.4 0

MeOH 0 0 234.9 286.9 52 1.4
Stream No. 12 13 14 17 18 20

Temperature (◦C) 55.3 164.2 30 225.2 208.3 1.5

Pressure (bar) 20.3 20.3 19.2 19.7 19.7 20

Vapor mole fraction 0 0 0 0.948 0 0

Total flow (kg/h) 9150.6 1625.5 14,861.5 13,236 10,948.4 2287.6

Total flow (kmol/h) 285.6 50.8 285.6 234.9 215.5 19.4

Component flow rates (kmol/h)

O2 0 0 0 0 0 0

N2 0 0 0 0 0 0

H2O 0.1 0.1 117.5 117.4 117.4 0

CO 0 0 0 0 0 0

DMC 0 0 98 98 98 0

DMO 0 0 19.4 19.4 0 19.4

MeOH 285.5 50.7 50.7 0 0 0
Stream No. 21 22 24 27 29

Temperature (◦C) 81.9 201.1 30 170.9 30

Pressure (bar) 19 19 1.5 19 1.5

Vapor mole fraction 0 0 0 0 0

Total flow (kg/h) 16,895.4 8065.5 8829.8 5949.2 2116.3

Total flow (kmol/h) 348 249.8 98.2 132.6 117.3

Component flow rates (kmol/h)

O2 0 0 0 0 0

N2 0 0 0 0 0

H2O 195.6 195.4 0.2 78.2 117.3

CO 0 0 0 0 0

DMC 146.2 48.3 98 48.2 0

DMO 0 0 0 0 0

MeOH 6.2 6.2 0 6.2 0
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Table 4. Process main equipment design specifications.

Components Variables Specifications

Reactor (R-101)

Type FBR

Volume 1.3 m3

Length 1.5 m

Diameter 0.53 m

Distillation column (T-101)

Reflux ratio 4.709

Number of stages 44

Condenser duty −7508 MJ/h

Column diameter 1.18 m

Distillation column (T-102)

Reflux ratio 0.4794

Number of stages 28

Condenser duty −9326 MJ/h

Column diameter 0.82 m

Distillation column (T-103)

Reflux ratio 6.18

Number of stages 73

Condenser duty −57,863 MJ/h

Column diameter 0.95 m

Distillation column (T-104)

Reflux ratio 0.52

Number of stages 24

Condenser duty −6684 MJ/h

Column diameter 0.6 m

6. Heat Integration

To address a new avenue for cost savings in this study, a preliminary heat integra-
tion study using the online pinch analysis tool developed by Umbach and Nitsche was
investigated [34]. The pinch method involves a thermodynamic analysis of the process
that determines the temperature above or below the degree of which heating and cooling
utilities should be avoided in the process. The pinch temperature depends on the tem-
perature difference between streams, as well as the flow rate of utilities and the process
configuration [35].

The analysis is employed to build a network for exchanging heat between streams
for minimizing the overall utility costs [36]. The underlying considerations for identifying
the pinch temperature include the following: no heat passes over the pinch point, external
heating input is only allowed above the pinch point, and external heating output is only
permissible below the pinch point [37].

Using the online pinch analysis tool [34], the pinch temperature of the system was
determined to be 213 ◦C (486.15 K). An allowable temperature difference (∆Tmin) of 10 ◦C.
(∆Tmin) was measured to determine the minimum driving force allowed for the heat
transfer; hence, this criterion defines the energy requirement of the process [38]. Figure 8A,B
present composite curves of cold and hot streams with ∆Tmin = 10 ◦C. Both curves were
shifted by ±5 ◦C to generate the pinch point. The grand composite curve in Figure 8C
indicates the minimum required heating utilities (QHmin) and the minimum required
cooling utilities (QCmin). The implementation of heat integration delivers energy savings of
up to 28%. Further optimization of ∆Tmin can be applied to enhance the overall process
integration. The utility cost can be further reduced if each stream is used more than once in
stream-matching. Additionally, this preliminary heat integration does not incorporate the
capital cost for the piping and heat exchanges required for the heat integration.
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7. Profitability Analysis

In examining the viability of this new DMC production process, the capital cost was
combined with the operating cost to determine the overall process cost and to evaluate
the financial performance over a 10-year plant lifetime. Most methods for estimating
the purchase cost (C

◦
p) are for the ambient operating pressure, with carbon steel as the

construction material. For correcting the purchase cost in this scheme, two factors (FM and
FP) were considered for the construction materials and operating pressures. Both factors
were approximated using multiple established correlations [39].

Operating-cost calculations based on 330 working days per year with 35 days of shut
down for maintenance and service (yearly working hours) were performed. To include
the effect of economic inflation, the Chemical Engineering Plant Cost Index (CEPCI) was
applied to scale the cost with respect to time. CEPCIs of approximately 607.5 for 2019 were
assumed to account for inflation [40]. The fixed capital investment of this process is about
USD 10.8 million and the cost of manufacturing is about USD 51.59 million.

A 10-year profitability analysis of the proposed process was performed, with the
assumption of two years of construction before the plant is operated. The fixed capital
investment (FCI) was divided equally between the first and second years of construction.
By the end of the construction period, the working capital cost, which was assumed to be
15% of the FCI, was added. Starting from the third year, a five-year period of depreciation
of the equipment was considered using the modified accelerated cost recovery system.

For an interest rate of 7%, a discounted cumulative cash flow (DCCF) diagram with
respect to time was constructed, as shown in Figure 9. The plot also shows a comparison of
the profitability of the process before and after the heat integration. The discounted payback
period (DPP) represents the time when the initial investment will be recovered [39]. The
implementation of heat integration caused the DPP to decrease significantly from 7 years
to three years and seven months, as shown in Figure 9.

Processes 2022, 10, x FOR PEER REVIEW 15 of 18 
 

 

15% of the FCI, was added. Starting from the third year, a five-year period of depreciation 
of the equipment was considered using the modified accelerated cost recovery system. 

For an interest rate of 7%, a discounted cumulative cash flow (DCCF) diagram with 
respect to time was constructed, as shown in Figure 9. The plot also shows a comparison 
of the profitability of the process before and after the heat integration. The discounted 
payback period (DPP) represents the time when the initial investment will be recovered 
[39]. The implementation of heat integration caused the DPP to decrease significantly from 
7 years to three years and seven months, as shown in Figure 9. 

 
Figure 9. DCCF with respect to time in a 10-year profitability analysis. 

Furthermore, the net present value (NPV) increased from USD 5.48 million to USD 
35.46 million by the end of the 10th year. An analysis of the profitability before and after 
the heat integration is presented in Table 5. 

Table 5. Process profitability analysis. 

Index Before Process Integration After Process Integration 
NPV USD 5.48 million USD 35.46 million 

Payback period 7 years 3.7 years 
DCFROR 17% 56.4% 

PVR 1.4 4 

This includes the discounted cash flow rate of return (DCFROR), which represents 
the interest rate at which the project would break even. Table 5 also shows the present 
value ratio (PVR), which is the ratio between the positive and negative discounted cash 
flows. The economic evaluations indicate that the DMC production process is a profitable 
venture, and it highlights the impact of heat integration in optimizing the process through 
the minimization of the operating costs. 

8. Conclusions 
A novel configuration for the production of DMC via the oxidative carbonylation of 

MeOH with DMO as byproducts is proposed. A techno-economic evaluation of the pro-
cess was performed to assess its applicability and feasibility. The analysis results suggest 
that this process achieves the target purities of the final products while generating high 
returns on the invested capital. A process flowsheet was developed and simulated using 
UNIFAC as the thermodynamic model. DMC and DMO were produced on a copper chlo-
ride catalyst in an isothermal FBR, reaching a MeOH conversion rate of 81.86% and a DMC 
selectivity of 83.47%. DMO was purified through conventional distillation at 99.9 mol%, 

Figure 9. DCCF with respect to time in a 10-year profitability analysis.

Furthermore, the net present value (NPV) increased from USD 5.48 million to USD
35.46 million by the end of the 10th year. An analysis of the profitability before and after
the heat integration is presented in Table 5.

This includes the discounted cash flow rate of return (DCFROR), which represents
the interest rate at which the project would break even. Table 5 also shows the present
value ratio (PVR), which is the ratio between the positive and negative discounted cash
flows. The economic evaluations indicate that the DMC production process is a profitable
venture, and it highlights the impact of heat integration in optimizing the process through
the minimization of the operating costs.
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Table 5. Process profitability analysis.

Index Before Process Integration After Process Integration

NPV USD 5.48 million USD 35.46 million
Payback period 7 years 3.7 years

DCFROR 17% 56.4%
PVR 1.4 4

8. Conclusions

A novel configuration for the production of DMC via the oxidative carbonylation of
MeOH with DMO as byproducts is proposed. A techno-economic evaluation of the process
was performed to assess its applicability and feasibility. The analysis results suggest that
this process achieves the target purities of the final products while generating high returns
on the invested capital. A process flowsheet was developed and simulated using UNIFAC
as the thermodynamic model. DMC and DMO were produced on a copper chloride catalyst
in an isothermal FBR, reaching a MeOH conversion rate of 81.86% and a DMC selectivity
of 83.47%. DMO was purified through conventional distillation at 99.9 mol%, and a 99.78
mol% pure DMC product was obtained via the pressure-swing technique, which was
employed to separate the DMC-H2O azeotropic mixture. A profitability analysis for a
10-year plant lifetime indicated an NPV of USD 5.48 million and a payback period of
seven years. To optimize the utility consumption, a preliminary heat integration was
implemented, resulting in a 28% energy savings in the utilities and a reduction in the
payback period to three years and seven months. The new process is considered green
since it is environmentally friendly, produces a green byproduct in addition to the main
product, and avoids the use of hazardous materials, as in the case of the phosgenation
production method.
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Nomenclature

Ac Cross-sectional area of the reactor (m2)
Bo Constant that depends on the properties of the fixed bed (MPa/m)
CBM Bare module cost
Dp Diameter of particles in the bed (m)
De,i Effective diffusivity (m2/s)
E Activation energy (J/mol)
Fi Molar flow rate for each component (kmol/h)
FTO Total inlet flow rates (kmol/h)
FT Total outlet flow rate (kmol/h)
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G Superficial mass velocity
(

kg/m2.s )

kn Constant rate of reaction
kc,i Mass transfer coefficient (m/s)
P Final pressure (MPa)
pi,n Partial pressure of components (MPa)
Po Initial pressure (2 MPa)
rn Reaction rate (mol·g−1 h−1)
ract

n Actual rates of reaction (mol·g−1 h−1)
R Universal gas constant (8.314 J·mol−1 K−1)
T Reaction temperature (403.15 K)
V Volume of the reactor (m3)
Greek letters
η Overall effectiveness factor
Φ Porosity of the catalyst
βi Biot number
ε Voidage of the reactor
µ Viscosity of the mixture (Pa·s)
ρc Inlet mixture density
Indices
i Component
a, b, c Power exponents of the reaction rate equations
n Reaction number
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