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Abstract: The mass transfer of ozone and oxygen into water through non-porous membranes was
studied using computational fluid dynamics (CFD) modelling and fundamental convection-diffusion
theory. Ozone is a gaseous oxidant that is widely applied in drinking water treatment. Membrane
contactors are an alternative to conventional gas dispersion methods for injection of ozone
gas mixtures into water. Few studies have explored computational approaches for membrane
based ozone transport. In this investigation, quantitative concentration profiles across a single
polydimethylsiloxane (PDMS) capillary membrane tube with internal gas flow and external liquid
flow were obtained, including single mass transfer resistances and overall mass transfer coefficients
for ozone and oxygen for varying membrane lengths, thicknesses, and laminar flow liquid side
velocities. Both the influence of diffusivity and solubility of gases in the membrane were considered
with the applied model. Previous studies have neglected the solubility of gases in the membranes in
their analysis of ozone and oxygen gas fluxes. This work shows that the solubility has a significant
impact of the overall mass transfer coefficients, in particular for oxygen. The main resistance for ozone
was found in the liquid side, while for oxygen it was in the membrane. Mass transfer correlations
based on heat transfer analogies revealed Sherwood (Sh) correlations for ozone and oxygen with
good agreement to literature data, indicating that the applied computational model returns sensible
results. The outcome of this study provides an initial basis for computational predictions of ozone
and oxygen mass transfer for different membrane materials, flow conditions and reactor designs.

Keywords: water treatment; ozone; oxygen; non-porous membranes; solubility; mass transfer
coefficient; concentration; diffusion; gas separation; computational fluid dynamics (CFD); film theory

1. Introduction

Ozone (O3) is an oxidant and disinfectant that is being increasingly used for drinking water and
waste water treatment [1]. Ozone gas has limited stability and needs to be produced on-site before
being dissolved in water. The production of O3 is an energy intensive process demanding ~10 to
20 kWh/kg O3, when produced from oxygen (O2) or air respectively [2]. The supply of pure O2 is
also an important cost factor. Traditionally, O3 is dispersed by bubbling a gas mixture of typically
6% to 13% (wt) O3 [2] into the water via bubble diffusers, injectors, or static mixers [3]. While the
principles of direct gas-liquid mass transfer of O3 into the aqueous phase are well understood [4–6],
bubbling methods bear a number of disadvantages, such as locally inaccurate O3 dosages due to
short-circuiting [7,8], foam formation in treatment reactors [9], and uneconomic off-gas recovery.
The off-gas contains mostly O2 and residual amounts of O3. In some treatment plants, the O2 contained
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in the off-gas is reused after residual O3 destruction for the aeration of biological water treatment
steps [10].

Membrane ozone contactors are an alternative to traditional dispersion methods. Gas transfer via
membranes, including separation and purification of gases is an established industrial process [11].
The main advantage of membrane contactors is their well-defined, tailored membrane structure and
the large contact surface area per volume in the reactor design. Further advantages of membrane
contactors include predictable flow pathways on both the gas and the liquid side, including avoidance
of the flow phenomena problems that dispersive processes face, easy scale-up by modular design,
and straightforward recycling of the effluent gas stream because the gas does not take up impurities,
such as moisture, during the process [2,12]. For ozonation processes, these advantages may result
in economic recycling of unused oxygen and an overall increase in mass-transfer efficiency, which
could eventually improve the energy efficiency of ozonation water treatment processes. Membrane
contactors can be incorporated with standardised reactors with small footprint tubular designs and
small cross sections for high linear flow rates [13]. Membranes, however, create an additional mass
transfer resistance, which may significantly reduce the process efficiency. Material properties such as
selectivity, permeability, mechanical strength, fouling affinity, and chemical reactivity (here mainly
stability towards O3), that affect longevity, need to be considered when calculating investment costs
for membrane contactors [14,15].

Non-porous polymeric membranes are being successfully used in the process industry for
separation of gas mixtures [16]. The potential for large-scale operation of O3 is limited by membrane
durability under extreme oxidizing conditions [17]. Therefore, the choice of the membrane material in
O3 applications is critical [18,19]. Chemical-resistant membranes that have been used for ozonation
of water consist of ceramic materials [20–24] and fluorinated [13,25–29] or non-porous silicone
based [26,30] polymers.

Several experimental studies have investigated the transport of O3 from gas into liquid by
using appropriate membrane contactor materials. A summary of these studies is shown in Table 1.
Shanbhag and Sirkar, (1998) [31] explored the permeability and selectivity of oxygen, nitrogen,
and ozone experimentally with a non-porous polydimethylsiloxane (PDMS) capillary membrane
contacting system. They reported that the exposure to O3 increases the general permeability of
PDMS for gases and determined that O3 permeability in PDMS is four times greater than that of O2.
Pines et al. (2005) [13] reported the mass transfer rate of O3 through porous polytetrafluoroethylene
(PTFE) and polyvinylidene difluoride (PVDF) membranes and non-porous PTFE membranes using
flat sheet contactor systems. Mass transfer coefficients and correlations, including the effect the of
liquid side Reynold’s number were explored. Phattaranawik et al. (2005) showed that ozone mass
transfer via PVDF membranes with and without chemical reaction is controlled by the liquid film [32].
Stylianou et al. (2015) [22], investigated the mass transfer behaviour of O3 in tubular porous ceramic
membrane (Al2O3) contactors by looking at the effect of the liquid side Reynold’s number on the
overall mass transfer coefficient. Additionally, the ability of the contactor system to oxidise pesticides
and an environmentally relevant fuel additive was examined.

Experimental studies generally provide a good indication on the ozone mass transfer in membrane
contactor systems, however, using experimental approaches only, it can be challenging to generalise
conclusions and to quantify and visualise gas concentration profiles and the individual mass transfer
resistances across and along membrane sections, which is crucial, for example, to the dimension and
optimisation of full-scale contactor systems. To address these challenges, in this study the performance
of non-porous PDMS membranes for bubble-less transfer of ozone gas into the aqueous phase was
investigated by using computational fluid dynamics (CFD) in combination with fundamental film
theory. The computational work was conducted using COMSOL Multiphysics V5.2 to determine
the concentration profiles of O3 (and O2) in the gas, membrane, and liquid phase, so that major
mass transfer resistances could be identified. CFD has been widely used to explore flow phenomena
and hydrodynamics in dispersive ozonation systems, to predict ozone mass transfer and improve
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disinfection efficiency [33,34]. Most computational work on gas membrane contactors is related to
carbon dioxide transport and separation [35–37], but limited studies are available on O3 mass transfer
through membranes specifically used in water treatment. For this study, PDMS membranes were
chosen based on available literature data, because the material is readily commercially available and
resistant to O3. The computational model developed in this study could be easily extended to include
other membrane materials.

Table 1. Overview on ozone mass-transfer studies for different membrane contactor systems.

Membrane System Gases Explored Main Findings Reference

PDMS, non-porous, capillary
membrane contactor O2, O3, N2

Gas permeability, ozone permeability is four times
greater than oxygen, PDMS solubility for gases
increases after ozone exposure

[31]

PTFE, PVDF, porous and
nonporous, flat sheet O3

Developed mass transfer coefficients and mass
transfer correlations [13]

Al2O3 ceramic, porous,
tubular membrane contactor O3 Developed mass transfer coefficients [22]

PVDF, porous, flat sheet O3, O2
Ozone mass transfer coefficient developed indirectly
from oxygen transport [32]

The goal of this study was to investigate the mass transport characteristics of O3 and O2 from
a prescribed gas mixture, typically produced by state-of the art commercial ozone generators, to the bulk
liquid phase through a non-porous membrane under flow conditions. Specifically, the objectives were
(i) investigate the relationship between ozone mass transfer (e.g., concentration profiles and resistance
distributions) and membrane properties; (ii) the effect of process conditions (e.g., length of membrane,
thickness of membrane, liquid side velocity) on the mass transfer; and (iii) develop mathematical
correlations to determine the overall mass transfer coefficient and compare them to the literature.

1.1. Theoretical Development

The transport of ozone-oxygen or ozone-air mixtures in non-porous polymeric membrane
contactors is governed by the mass transfer in the gas and liquid films, the solubility laws, and
the diffusivity of the ozone within the membrane material. Whitman’s Film theory (1923) was the
first attempt to model gas-liquid interfacial mass transfer [38]. Although the theory does not closely
reproduce conditions in reality, it is commonly used to model gas-liquid mass transfer performance
and then compare to experimental data. Figure 1 shows a conceptual model of mass transport of ozone
from gas to liquid through a non-porous membrane. Ozone diffuses from the bulk gas phase, through
a stagnant gas film, through the membrane, through a stagnant liquid film, and dissolves into the bulk
liquid phase. The nomenclature, acronyms, and subscripts used for the theoretical development and
throughout the article are listed in Abbreviations.
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1.1.1. Gas Phase

The film theory assumes the presence of a laminar film where any turbulence in the bulk flow
dissipates. In this film region, the concentration deviates from the bulk concentration moving to
an interfacial concentration such that the molar flux can be expressed as:

N = kg
(
Cg − Cg,i

)
(1)

where N is the molar flux, kg is the film side mass transfer coefficient, Cg is the concentration in the
bulk and Cg,i is the concentration at the gas–membrane interface on the gas side.

1.1.2. Membrane

The solubility of O3 at the interface between the gas and non-porous polymeric membrane can be
described in terms of a solution-diffusion mechanism where the gas permeability is determined by its
diffusivity and solubility [26]:

Cg,i

S
= Cm1 (2)

where Cm1 is the concentration at the gas–membrane interface on the membrane side and S is the
solubility constant of the gas in the membrane. Previous studies, e.g., [13,18] on O3 mass transfer often
assumed the concentration of O3 at the gas-membrane is continuous i.e., Cg,i = Cm1. In this work,
comparison of the concentration profile at the gas–membrane interface for both cases is presented.

The concentration at the interface between the membrane–liquid phases can be described by
Henry’s law [13]:

CL,i =
Cm2

H
(3)

where Cm2 and CL,i are the concentrations at the membrane–liquid interface on the membrane and
liquid side, respectively, and H is the Henry’s Law constant.

Therefore, the mass transfer across the membrane can therefore be written as:

N = km(Cm1 − Cm2) (4)

where km is the mass transfer coefficient in the membrane.

1.1.3. Liquid Phase

The film theory is also assumed at the liquid phase side:

N = kL(CL,i − CL) (5)

where kL is the mass transfer coefficient in the liquid film.
Combining Equations (1) to (5):

N = KL

(
Cg

S
− HCL

)
(6)

where the overall mass transfer coefficient, KL, can be described by a series of resistance terms:

1
KL

=
1

Skg
+

1
km

+
H
kL

(7)

For a thin membrane i.e., typically when the membrane thickness to inner radius of membrane
ratio is less than 0.2, the curvature effect is negligible such that the membrane surface can be
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approximated to a flat plane. For some cases in this work the ratio is more than 0.2, thus the curvature
of membrane needs to be taken into account such that Equation (7) becomes:

1
KL Aouter

=
1

Skg Ainner
+

1
km Am

+
H

kL Aouter
(8)

where Ainner, Am, and Aouter are the area of the inner surface of the membrane, log mean area of the
membrane and area of the outer surface of the membrane, respectively.

For steady state conditions, a mass balance on the ozone in the liquid phase can be expressed as:

dCL
dx

=
1

uL,mean
KLa

(
Cg

S
− HCL

)
(9)

where uL,mean is the mean liquid velocity, a is the surface area of membrane per unit volume of
liquid and x is the direction of flow. Integrating Equation (9) with the boundary conditions at x = 0,
CL = 0 (concentration of ozone at liquid inlet is zero) and at the liquid outlet, x = L, CL = CL,out yields
the following:

KLa·L
uL,mean

=
1
H

ln

{ Cg
S

Cg
S − HCL,out

}
(10)

2. Numerical Modelling

The CFD modelling package COMSOL Multiphysics 5.2 was used to simulate the mass transfer
of ozone and oxygen through a capillary-sized non-porous PDMS membrane into water. Species
and momentum conservation equations were coupled and solved to describe the transport of the gas
mixture and liquid solvent simulating a co-current single hollow fibre membrane contactor. The set-up
of the CFD model followed the steps outlined by Tu et al. (2012) [39]. A steady state condition was
assumed in all mathematical models presented in this study.

2.1. Model Domain and Geometry

A 2-D axisymmetric domain (Figure 2) was used to model a single tube membrane contactor where
ozone/oxygen gas mixtures flow in the tube and water flows parallel on the outside. The geometry
was built based on the dimensions of the membrane tubes available from Dow Corning, i.e., Silastic®

medical grade lab tubing. The three defined domains are the gas phase, the membrane, and the
liquid phase. The dimensions of the geometry on tube, operating conditions, physical properties, and
material data used in the simulation are summarised in Table 2.
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Table 2. Numerical modelling parameters.

Parameter Value (Range) Unit Reference

Inner membrane radius, Ri 0.51 mm Manufacturer information a

Membrane thickness, Lm 0.57 (0.05–4.50) mm Manufacturer information a

Water layer thickness, LW 4.42 mm Estimated parameter b

Membrane length, L 500 (250–1250) mm Study parameter

O3 diffusivity in gas phase, Dg,o3 1.454 × 10−5 m2 s−1 [40]

O3 diffusivity in water, DL,o3 1.76 × 10−9 m2 s−1 [2]

O3 diffusivity in the membrane, Dm,o3 2.96 × 10−9 m2 s−1

Calculated via the PDMS-ozone
permeability coefficient Qm,o3 and
the solubility coefficient of O3 in

PDMS, So3
c

O3 membrane permeability, Qm,o3 1.05 × 10−12 mol m−1 s−1 Pa−1 [31]

O2 diffusivity in gas phase, Dg,o2 1.862 × 10−5 m2 s−1 [41]

O2 diffusivity in water, DL,o2 2.025 × 10−9 m2 s−1 [2]

O2 diffusivity in membrane, Dm,o2 2.1 × 10−9 m2 s−1 [31]

O3 inlet concentration in gas, Cg,o3,0 3.75 (0.41–6.25) mol m−3

Equates to 13% (wt) of ozone in
ozonated oxygen under specified

temperature and
pressure conditions

O3 inlet concentration in water, CL,o3,0 0 mol m−3 Specified parameter

O2 inlet concentration in water, CL,o2,0 0 mol m−3 Specified parameter

Average gas velocity, ug,mean 0.1 m s−1 Experimental parameter

Average water velocity, uL,mean 8 × 10−4 (4 × 10−4–0.15) m s−1

The flow regime is assumed
laminar in this work

i.e., simulating the worst case
scenario for mass transfer

Temperature, T 298.15 K Isothermal condition was
assumed throughout

Universal gas constant, R 8.314 J mol−1 K−1

Total pressure at gas inlet, ptot 101325 Pa Pressure at inlet is assumed to
be atmospheric

Total gas concentration at inlet, Ctot ptot/(RT) mol m−3

O2 inlet concentration in gas, Cg,o2,0
Ctot − Cg,o3,0 37.12

(40.46–34.62) mol m−3

O3 solubility in water, Ho3 1 × 10−4 RTg - [42]

O2 solubility in water, Ho2 1.2 × 10−5 RTg - [42]

O3 solubility in PDMS membrane, So3 0.881 - [26]

O2 solubility in PDMS membrane, So2 0.201 - [31]

Notes: a Silastic® Rx medical grade tubing from Dow Corning; b The value of water layer thickness is selected
so that bulk concentration is not affected by this value; c The diffusivity Dm,o3 of ozone in the membrane was
calculated by using the definition of the permeability coefficient Qm,o3 for ozone through the PDMS polymer [31],
Qm,o3 = Dm,o3 × Si,o3, where Si,o3 [mol m−3 Pa−1] is the solubility value of ozone in PDMS reported in [26].

2.2. Meshing and Scaling

The computation domain was approximated using unstructured triangular elements (Figure 3a)
and a mesh independence study (Figure 3b) was carried out. Denser mesh was set at the gas–membrane
and membrane–liquid interfaces to improve accuracy. Figure 3b shows the concentrations of O3

evaluated at the gas–membrane and membrane–liquid interfaces (see Figure 2) using varying numbers
of elements. The Figure clearly suggests the values of the concentration are independent of the
number of elements from 11,745, i.e., the ‘finer mesh’ setting in COMSOL. The optimal mesh choice
based on accuracy and computing time, was, therefore, ‘finer mesh’ and was employed for all
remaining simulations.
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Figure 3. (a) Comparison of mesh distribution between ‘coarser—905 elements’ (left) and ‘finer—11,745
elements’ (right) mesh settings in COMSOL. The denser mesh was used at the fluid–membrane
interfaces to ensure improved accuracy; (b) Example of the converged values of concentration of ozone
at the gas–membrane (gas side, Cg,o3,i) and membrane–liquid interface (liquid side, CL,o3,i) at 50%
length of the membrane.

Scaling the model in the z-direction became necessary as the tube length being considered was
much greater than the diameter and tube thickness which affected the meshing and therefore the
numerical stability. A scaling factor of 50 was selected and applied to the tube length, diffusivities in
the z-direction, and the gas and liquid velocities. The residual for successive iterations for all variables,
i.e., the convergence criteria in all simulations, was set to 10−5.

2.3. Governing Equations

The three computational domains considered were the gas section, the membrane section, and the
liquid section. For each section, governing equations for momentum and species transport, including
boundary conditions were specified:

1. Gas section 0 ≤ r ≤ Ri

Momentum transport:

The gas mixture in the tube is assumed to be ideal and incompressible and the flow is treated as
steady state, laminar, and Newtonian. It was also assumed that the operating pressure is 1 atmospheric
so that it is reasonable to assume that gas is incompressible. The gravitational effect is also assumed
to be negligible [41], hence the velocity can be described using the continuity and Navier–Stokes
equations as follows:

Continuity : ∇·ug (11)

Navier–Stokes : ρg
(
ug·∇ug

)
= −∇pg + µg∇2ug (12)

where ug is the velocity vector in the gas phase, and pg is the pressure. The density and viscosity of
the gas is assumed constant throughout as ρg and µg, respectively.

The boundary conditions were:

i. Axial symmetry: no flow crossing the boundary, i.e., when r = 0, ur,g = 0.
ii. Membrane wall: no-slip, i.e., when r = Ri, uz,g = 0.
iii. The velocity in the r-directions at all the boundaries are almost zero, i.e., ur,g = 0.
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iv. Tube inlet: flow is fully developed and velocity profile is parabolic, i.e., when z = 0,

uz,g = 2ug,mean

[
1−

(
r

Ri

)2
]

where ug,mean is the mean axial velocity in the gas phase.

v. Tube outlet: flow is fully developed, i.e., when z = L, ∂uz,g
∂z = 0.

Species transport:

The steady state material balance for the transport of j = O2 and O3 in the gas phase is considered
to be due to diffusion and convection and no reactions taking place. The species transport can be
described as follows:

ug·∇Cg,j = Dg,j∇2Cg,j (13)

where Cg,j is the concentration of j in the gas phase, Dg,j is the mass diffusivity of j in the gas phase
and is assumed to be isotropic. It is also assumed that there is no reaction taking place in the system.

The boundary conditions were:

i. Axial symmetry: no material flow across the boundary, i.e., when r = 0,
∂Cg,j

∂r = 0.
ii. Tube inlet: the inlet concentrations in the gas phase were defined based on a small ozone and

oxygen percentage by volume, Cg,j = Cg,j,0.

iii. Tube outlet: the gas flux is predominantly by convection i.e., when z = L,
∂Cg,j

∂z = 0.

2. Membrane section Ri ≤ r ≤ (Ri + Lm)

Momentum transport:

The velocity of gas in the membrane is assumed to be negligible, i.e., ug = 0. This is reasonable
because of the low permeability of the gases in the membranes.

Species transport:

The steady state material balance for the transport of O2 and O3 across the membrane skin layer
for the non-wetting mode of operation is considered to be due to diffusion only with no reactions
taking place. The concentration profile can be described as follows:

Dm,j

[
1
r

∂

∂r

(
r

∂Cm,j

∂r

)
+

∂2Cm,j

∂z2

]
= 0 (14)

where Cm,j is the concentration of j in the membrane, Dm,j is the mass diffusivity of j in the membrane
and is assumed to be isotropic. Note that mass transport of mixed gases such as O2/O3 mixtures
through membranes can be affected by coupling or competition effects of the involved gases [43].
For this study data for pure oxygen and ozone were used only without considering mutual interaction
of gases within the membrane.

The boundary conditions were:

i. Gas–membrane interface: the gas concentration is specified using the point-wise constraint
boundary condition. The interfacial transport was defined by the solubility laws [26], i.e., when

r = Ri, Cm1,j =
Cg,j,i

Sj
, where Sj is the solubility of j in the membrane.

ii. Membrane inlet and outlet: the two boundaries are insulated, i.e.,
∂Cm,j

∂z = 0 at, z = 0 and z = L.

3. Liquid section (Ri + Lm) ≤ r ≤ (Ri + Lm + Lw)
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Momentum transport:

The liquid is assumed to flow in the co-current configuration and is assumed to be steady, laminar
and fully developed; hence the velocity can be described using the continuity and Navier–Stokes
equations, as follows:

Continuity : ∇·uL (15)

Navier–Stokes : ρL(uL·∇uL) = −∇pL + µL∇2uL (16)

where uL is the velocity vector in the liquid phase, and pL is the pressure. The density and viscosity of
the liquid are assumed constant throughout as ρL and µL, respectively.

The boundary conditions were:

i. The velocity in the r-directions at all the boundaries are almost zero, i.e., ur,L = 0
ii. Membrane wall: no-slip, i.e., when r = Ri + Lm, uz,L = 0.
iii. Inlet: average velocity is specified at the inlet, i.e., when z = 0, uz,L = uL,mean.

iv. Outlet: flow is fully developed, i.e., when z = L, ∂uz,L
∂z = 0.

Species transport:

The steady state material balance for the transport of O2 and O3 in the liquid phase may be written
as follows:

uL·∇CL,j = DL,j∇2CL,j (17)

where CL,j is the concentration of i in the liquid phase, DL,j is the mass diffusivity of i in the liquid
phase and is assumed to be isotropic.

The boundary conditions were:

i. Inlet: concentrations of O2 and O3 at the liquid inlet are assumed zero, i.e., CL,j,0 = 0.

ii. Membrane–liquid interface: the gas concentration is specified using the point-wise constraint
boundary condition. The interfacial transport was defined by the solubility laws [13], i.e., when
r = (Ri + Lm), Cm1,j = HjCL,j,i, where Hj is the Henry’s constant of j in the liquid.

2.4. Mass Transfer Correlation

Empirical correlations for heat transfer can be used to describe local mass transfer resistances [13].
The mass transfer correlation was determined by the general form of the Sherwood number:

Sh =
KLLc

D
= A·ReB·ScC (18)

Re =
ρLuL,meanLc

µL
(19)

Sc =
µL
D

(20)

where Lc is the characteristic length taken as the hydraulic diameter of the liquid phase, i.e., 2Lw, Re is
the Reynolds number, Sc is the Schmidt number. A, B, and C are empirical constants and the value of C
was assumed to be 0.33 [13,44].

3. Results and Discussion

The analysis of the membrane assisted mass transfer of ozone–oxygen gas mixtures into water
consisted of determining the concentration profiles, mass transfer resistances in the gas, membrane,
and liquid phases, and quantifying overall mass transfer coefficient with varying parameters such as
membrane length, membrane thickness and liquid side velocities. Finally, a mass transfer correlation
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based on a heat transfer analogy was proposed. The analysis was conducted both by including and
excluding the effect of gas solubility within the membrane, termed ‘with S’ and ‘without S’ in this
article respectively.

3.1. Concentration Profiles

The steady state radial concentration profiles of ozone and oxygen evaluated without S along
the membrane at the inlet, 10% length, 50% length, and outlet are shown in Figure 4. The calculated
concentration profiles for both gases match well with the expected profiles based on film theory
(Figure 1). The profiles are generated by assuming continuous concentration at the gas–membrane
interface, i.e., the solubility parameter S in Equation (2) equals 1. The concentration profile of ozone
and oxygen in the gas phase is flat indicating the mass transfer resistance in the bulk gas is negligible.
The bulk gas concentration decreases slightly with distance through the tube, as the ozone and oxygen
both diffuse into the membrane and subsequently into the liquid phase. At the tube inlet, there is
a sharp concentration gradient within the membrane indicating that the gases diffuse rapidly through
the membrane, however, there is no instant ozone or oxygen transfer into the aqueous phase due to
the resistance caused by the liquid film. The maximum concentration of O3 and O2 attainable at the
outlet of the liquid phase are approximately 0.81 mol m−3 and 1.07 mol m−3, respectively, along the
length of the membrane. The profiles of ozone and oxygen appear similar because the diffusivities
of both gases in each of the three phases are on the same order of magnitude (Table 1). The most
contrasting difference is caused by the approximately 8-fold lower solubility of O2 in water that leads
to a large concentration drop at the membrane–liquid interface. Ozone decay and chemical reactions
at the liquid side are not considered.
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Figure 4. Concentration profiles evaluated without S at four different locations along the length of the
tube, L = 0.5 m (inlet, 10% and 50% of length and outlet) for (a) ozone and (b) oxygen. The vertical
dashed lines indicate the gas–membrane and membrane–liquid interfaces at r = 0.51 mm and r = 1.08 mm,
respectively. Conditions: ug,mean = 0.101 m s−1, uL,mean = 0.008 m s−1, Cg,o3,0 = 3.75 mol m−3,
Cg,o2,0 = 37.12 mol m−3. Note the different concentration scales for ozone and oxygen.

Figure 5 shows the concentration profiles of the gases when the solubility of the gases in the
membranes (SO3 and SO2, Table 1) were taken into consideration. The marked difference in the
profiles at the gas–membrane interface is caused and determined by the selectivity of the PDMS
membrane. Including solubility in the modelling would represent more realistic concentration profiles.
The solubility term adds an additional mass transfer resistance as indicated by the drop in concentration
at the gas–membrane interface. In particular, the concentration of O2 decreased significantly due to the
much lower solubility of O2 in PDMS compared to O3. This leads to a considerable decline in oxygen
transfer into the liquid phase. For example, the maximum attainable concentration of O2 at the outlet
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of the liquid phase is approximately 0.22 mol/m3 and thus 80% lower compared to the model without
solubility, while O3 concentration is 0.72 mol/m3 and thus only 11% lower. Selectivity of membrane
materials such as PDMS towards ozone mass transfer has important implications when considering
off-gas recycling applications. For efficient use of O3, the membrane contacting area can be adjusted to
provide selective depletion of O3 at the gas side. Membrane material with O3/O2 separating properties,
i.e., exhibiting high solubility (S→ 1) for O3 and low solubility for O2 (S→ 0) is desirable. The higher
solubility of O3 in PDMS has been ascribed to the higher boiling point and critical temperature of
O3 compared to O2 that facilitates condensation into the polymer. It has also been argued that O3

may initiate formation of peroxide groups at the membrane surface, which selectively increases O3

solubility within PDMS [31].Water 2017, 9, 452 11 of 17 
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Figure 5. Concentration profiles evaluated with S at four differing locations along the length of the tube,
L = 0.5 m (inlet, 10% and 50% of length and outlet) for (a) ozone and (b) oxygen. The vertical dashed
lines indicate the gas–membrane and membrane–liquid interfaces at r = 0.51 mm and r = 1.08 mm,
respectively. Conditions: ug,mean = 0.101 m s−1, uL,mean = 0.008 m s−1, Cg,o3,0 = 3.75 mol m−3,
Cg,o2,0 = 37.12 mol m−3, SO3 = 0.881, SO2 = 0.201.

Gas film, membrane, and liquid film mass transfer coefficients along the membrane were
determined by using Equations (1), (4) and (5), respectively. To provide a more quantitative overview
on the contribution of each coefficient than shown in the profile plots, the percentage mass transfer
resistances (i.e., normalised reciprocal mass transfer coefficients) at 10% and 50% membrane length are
shown in Figure 6. As indicated by the radial concentration profiles in Figures 4 and 5, the gas film
resistances are negligible, contributing at most 0.01% towards the overall resistance. For the PDMS
membrane and under the chosen liquid side flow conditions the most dominant resistance for O2

mass transfer, with S and without S, resides within the membrane. This highlights the selectivity of
the PDMS membranes. For O3, both the membrane resistance and the liquid film side resistance are
important. In summary, this means that O2 mass transfer can be controlled by selecting the appropriate
membrane material, while O3 mass transfer can also be adjusted by changes in liquid side parameters
such as fluid velocity. For both gases, the solubility parameter, S, has relatively minor influence on the
distribution of the individual mass transfer resistances. Nevertheless, solubility significantly affects the
overall mass transfer coefficient, KL, for both ozone and oxygen, as discussed in the following sections.
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Figure 6. Percentage mass transfer resistances for oxygen and ozone with and without the solubility
parameter for a tube of L = 0.5 m shown at (a) 10% tube length (L = 50 mm) and (b) 50% tube
length (L = 250 mm). Conditions: ug,mean = 0.101 m s−1, uL,mean = 0.008 m s−1, gas–membrane and
membrane–liquid interfaces are located at r = 0.51 mm and r = 1.08 mm, respectively, SO3 = 0.881,
SO2 = 0.201.

3.2. Variation of Model Parameters

The overall mass transfer coefficients, KL, for ozone and oxygen were calculated using Equation
(10). The effects of membrane tube length, thickness of membrane, liquid side velocity, and inlet gas
concentration on the overall mass transfer were determined, while other model parameters were kept
unchanged. Results with and without considering membrane solubility are presented.

3.2.1. Tube Length

The effect of tube length on the average overall mass transfer coefficient is shown in Figure 7. Lengths
between 250 and 1500 mm were considered reasonable for a typical membrane module. According to
the inverse relationship between tube length and KL (Equation (10)), the overall mass transfer coefficient
decreases with increasing length, e.g., by 1/3 when doubling the length of the membrane. Figure 7a
shows that the difference in the overall mass transfer coefficient for O3 between the case with and without
solubility is relatively small, i.e., approximately 30%. On the other hand, in Figure 7b, the difference in O2

is more than one order of magnitude. This again highlights the importance of the solubility parameter in
the analysis of ozone or oxygen transfer through non-porous membranes.

Water 2017, 9, 452 12 of 17 

 

3.2. Variation of Model Parameters 

The overall mass transfer coefficients, KL, for ozone and oxygen were calculated using Equation 
(10). The effects of membrane tube length, thickness of membrane, liquid side velocity, and inlet gas 
concentration on the overall mass transfer were determined, while other model parameters were kept 
unchanged. Results with and without considering membrane solubility are presented. 

3.2.1. Tube Length 

The effect of tube length on the average overall mass transfer coefficient is shown in Figure 7. 
Lengths between 250 and 1500 mm were considered reasonable for a typical membrane module. 
According to the inverse relationship between tube length and KL (Equation (10)), the overall mass 
transfer coefficient decreases with increasing length, e.g., by 1/3 when doubling the length of the 
membrane. Figure 7a shows that the difference in the overall mass transfer coefficient for O3 between 
the case with and without solubility is relatively small, i.e., approximately 30%. On the other hand, 
in Figure 7b, the difference in O2 is more than one order of magnitude. This again highlights the 
importance of the solubility parameter in the analysis of ozone or oxygen transfer through non-
porous membranes. 

 
Figure 7. Effect of membrane tube length on the overall mass transfer coefficient KL for (a) ozone and 
(b) oxygen. Conditions: ug,mean = 0.101 m s−1, uL,mean = 0.008 m s−1, gas–membrane and membrane–liquid 
interfaces are located at r = 0.51 mm and r = 1.08 mm, respectively, SO3 = 0.881, SO2 = 0.201. 

3.2.2. Membrane Thickness 

The effect of membrane thickness on the overall mass transfer coefficient is shown in Figure 8. 
Membrane thickness was varied by examining the outer tube radii from 0.01 mm to 6.0 mm, while 
keeping the inner tube radius constant. Very thin membranes are not realistic under actual 
application conditions, unless used as coatings or an internal layer and stabilised by supporting 
materials. At small membrane thicknesses, typically <1.0 mm, the overall mass transfer coefficient 
decreases rapidly by adding a membrane layer as an additional mass transfer resistance, in particular 
for O2, for which the membrane is the dominating resistance. It is interesting to see that for O3, there 
is an initial increase in mass transfer, which indicates the presence of a critical radius at 0.25 mm. This 
is analogous to the critical radius observed in heat insulation of a tube. This observation, however, 
requires further computational and experimental validation work. Apart from this unusual effect at 
a small membrane thickness, increasing the membrane thickness decreases the overall mass transfer 
coefficient. To minimise the mass transfer resistance, it is recommended that membranes are selected 
that are as thin as possible while still considering factors like mechanical strength, fouling resistance, 
lifetime performance, and costs [13]. Overall, the membrane thickness has a more significant effect 
on the mass transfer than the liquid length, but is less influential than the tube side velocity discussed 
in the next section. 

Figure 7. Effect of membrane tube length on the overall mass transfer coefficient KL for (a) ozone and (b)
oxygen. Conditions: ug,mean = 0.101 m s−1, uL,mean = 0.008 m s−1, gas–membrane and membrane–liquid
interfaces are located at r = 0.51 mm and r = 1.08 mm, respectively, SO3 = 0.881, SO2 = 0.201.
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3.2.2. Membrane Thickness

The effect of membrane thickness on the overall mass transfer coefficient is shown in Figure 8.
Membrane thickness was varied by examining the outer tube radii from 0.01 mm to 6.0 mm, while
keeping the inner tube radius constant. Very thin membranes are not realistic under actual application
conditions, unless used as coatings or an internal layer and stabilised by supporting materials. At small
membrane thicknesses, typically <1.0 mm, the overall mass transfer coefficient decreases rapidly by
adding a membrane layer as an additional mass transfer resistance, in particular for O2, for which
the membrane is the dominating resistance. It is interesting to see that for O3, there is an initial
increase in mass transfer, which indicates the presence of a critical radius at 0.25 mm. This is analogous
to the critical radius observed in heat insulation of a tube. This observation, however, requires
further computational and experimental validation work. Apart from this unusual effect at a small
membrane thickness, increasing the membrane thickness decreases the overall mass transfer coefficient.
To minimise the mass transfer resistance, it is recommended that membranes are selected that are as
thin as possible while still considering factors like mechanical strength, fouling resistance, lifetime
performance, and costs [13]. Overall, the membrane thickness has a more significant effect on the
mass transfer than the liquid length, but is less influential than the tube side velocity discussed in the
next section.Water 2017, 9, x FOR PEER REVIEW 13 of 17 

 

 
Figure 8. Effect of membrane thickness on the overall mass transfer coefficient KL for (a) ozone and 
(b) oxygen. Conditions: ug,mean = 0.101 m s−1, uL,mean = 0.008 m s−1, SO3 = 0.881, SO2 = 0.201, tube length L 
= 0.5 m, the gas–membrane interface is located at r = 0.51 at (location). The outer membrane tube 
radius is the sum of the inner tube radius and the membrane thickness. 

3.2.3. Liquid Side Velocity 

The liquid side velocity uL,mean was varied from 0.4 mm s−1 to 250 mm s−1 corresponding to the 
liquid side Reynolds number, Re, of 3.5 to 2210, respectively. Figure 9 shows that the mass transfer 
coefficient strongly increases with increasing liquid side velocity, at a factor of approximately 57 and 
37 within the considered velocity range for oxygen and ozone, respectively. At a velocity of 250 mm 
s-1, which corresponds to a Re of 2210, the increasing effect of liquid side velocity on mass transfer 
starts to level off. This is in agreement with a previous study that found that ozone mass transfer 
becomes independent of Re above a value of around 2000 [13]. The data points at the highest velocity 
that do not fit in the power law trend line suggest a flow close to the transitional flow regime. 
Modelling in the transitional and turbulent flow regime is currently in progress. 

 
Figure 9. Effect of liquid side velocity on the overall mass transfer coefficient KL for (a) ozone and (b) 
oxygen. Conditions ug,mean = 0.101 m s−1, tube length L = 0.5 m, gas–membrane and membrane–liquid 
interfaces are located at r = 0.51 mm and r = 1.08 mm, respectively, SO3 = 0.881, SO2 = 0.201. 

The effect of inlet gas concentration of ozone ranging from 0.41 to 6.25 mol m−3 on the overall 
mass transfer coefficient was also explored (data not shown). It was found that the inlet gas 
concentration had a negligible influence on the calculated KL values, which implied that the mass 
transfer coefficient was mostly independent of the inlet gas concentration produced by commercially 
available ozone generators. 

Figure 8. Effect of membrane thickness on the overall mass transfer coefficient KL for (a) ozone and
(b) oxygen. Conditions: ug,mean = 0.101 m s−1, uL,mean = 0.008 m s−1, SO3 = 0.881, SO2 = 0.201, tube
length L = 0.5 m, the gas–membrane interface is located at r = 0.51 at (location). The outer membrane
tube radius is the sum of the inner tube radius and the membrane thickness.

3.2.3. Liquid Side Velocity

The liquid side velocity uL,mean was varied from 0.4 mm s−1 to 250 mm s−1 corresponding to the
liquid side Reynolds number, Re, of 3.5 to 2210, respectively. Figure 9 shows that the mass transfer
coefficient strongly increases with increasing liquid side velocity, at a factor of approximately 57 and 37
within the considered velocity range for oxygen and ozone, respectively. At a velocity of 250 mm s-1,
which corresponds to a Re of 2210, the increasing effect of liquid side velocity on mass transfer starts
to level off. This is in agreement with a previous study that found that ozone mass transfer becomes
independent of Re above a value of around 2000 [13]. The data points at the highest velocity that do
not fit in the power law trend line suggest a flow close to the transitional flow regime. Modelling in
the transitional and turbulent flow regime is currently in progress.
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Figure 9. Effect of liquid side velocity on the overall mass transfer coefficient KL for (a) ozone and
(b) oxygen. Conditions ug,mean = 0.101 m s−1, tube length L = 0.5 m, gas–membrane and membrane–liquid
interfaces are located at r = 0.51 mm and r = 1.08 mm, respectively, SO3 = 0.881, SO2 = 0.201.

The effect of inlet gas concentration of ozone ranging from 0.41 to 6.25 mol m−3 on the overall
mass transfer coefficient was also explored (data not shown). It was found that the inlet gas
concentration had a negligible influence on the calculated KL values, which implied that the mass
transfer coefficient was mostly independent of the inlet gas concentration produced by commercially
available ozone generators.

Among the variations investigated, changes in the liquid side velocity had the most significant
effect on the overall mass transfer coefficient for ozone. This is in agreement with previous
studies [13,36], and confirmed that ozone mass transfer is controlled by the liquid phase. Membrane
thickness also had a significant influence on KL, while tube length only had a small effect and mass
transfer was seemingly independent of the inlet ozone gas concentration.

3.3. Mass Transfer Correlation

Using the heat transfer analogies outlined in Section 2.4 (Equations (18)–(20)), the mass transfer
relationships between Sh, Re, and Sc were formulated for PDMS membranes. The relationships of
Re and Sc are similar to plots for the overall mass transfer coefficients versus average liquid velocity
shown in Figure 9, and therefore are not shown here. The relationships for O2 and O3 based on the
model with and without solubility are summarised alongside with correlations from literature in
Table 3. Comparison with semi-empirical correlations for a non-porous Teflon membrane and a general
relationship based on the film model show good agreement in the Re exponent, indicating that the
computational approach used in this study provides reasonable results to quantify ozone and oxygen
mass transfer through membranes. The dependence of Sh on the Re is similar for both models which
confirms that the solubility of the gases in the membrane is independent of flow conditions.

Table 3. Gas mass transfer correlations for non-porous membrane contactor systems and general
equation based on film model derived from heat and mass transfer analogy.

Membrane System Correlation Reference

PDMS, non-porous, without solubility (S) ShO2 = 8.66ReL
0.634ScO2

0.33

ShO3 = 100ReL
0.571ScO3

0.33 This study

PDMS, non-porous, with solubility (S) ShO2 = 0.353ReL
0.63ScO2

0.33

ShO3 = 78.1ReL
0.567ScO3

0.33 This study

Teflon, non-porous, without solubility (S) Sh = 0.136ReL
0.73ScO3

0.33 [13]

Film model [Heat and mass transfer analogy] Sh = 0.332Re0.5ScO3
0.33 [45]
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4. Conclusions

The mass transfer of ozone and oxygen into the aqueous phase through a single tubular
non-porous polymeric membrane was studied using CFD modelling and applying fundamental
convection-diffusion theory. A computational approach to visualise concentration profiles across
the membrane and at the gas–membrane–liquid interfaces was developed. Single mass-transfer
resistances were quantified and a parameter variation study was conducted. The results are in
accordance with qualitative predictions made by traditional film theory and generally align with
results of prior experimental studies on the mass transfer of ozone via membranes for water treatment
applications [13,19,31]. The introduction of previously unstudied solubility effects for oxygen and
ozone in polymeric membranes into the model resulted in more accurate mass transfer predictions
for both gases. It was shown that the solubility effect for oxygen is particularly important for the
studied PDMS polymer and selective ozone transfer may be achieved. To further consolidate the
presented model, it will be important to consider mutual effects of ozone and oxygen for their transport
through non-porous membranes in future studies [46], which also includes experimental approaches
to quantify these effects.

Ozone membrane contacting can be regarded as an alternative for conventional ozone contacting
in areas of application where oxygen recycling is economically interesting and in space restricted
locations. Bubble-less ozonation, including high mass transfer even under low-flow laminar conditions,
can be advantageous for smaller volumes or intermediate water treatment steps in combination with
sand filtration or soil passages. Furthermore, a membrane facilitated O3/H2O2 (peroxone) process was
developed to mitigate the formation of bromate [47], a potentially carcinogenic ozonation byproduct.
Understanding transfer processes in small membrane sections such as single tubes is important to
provide a basis for reactor design and developing more sophisticated models that include chemical
reactions of ozone at the liquid side and more complicated flow conditions occurring, for example in
cross-flow shell-and tube designs with internal water flow.
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Abbreviations

Nomenclature
a Interfacial surface area of membrane per unit volume of liquid m2 m−3

C Concentration mol m−3

D Diffusivity m2 s−1

H Henry’s Law constant -
k Mass transfer coefficient m s−1

KL Overall mass transfer coefficient m s−1

L Length m
N Molar flux mol m−2 s−1

p Pressure Pa
r Radial coordinate m
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Nomenclature
R Mass transfer resistance m s−1

R Radius m
Ri Inner membrane radius m
Rg Universal gas constant J mol−1 K−1

Re Reynold’s Number -
S Solubility coefficient -
Si, o3 Solubility of ozone in PDMS = 3.55 × 10−1 [26] mol m−3 Pa−1

Sc Schmidt Number -
Sh Sherwood Number -
T Temperature K
Qm,o3 Permeability coefficient of ozone in PDMS = 1.05 × 10−9 [31] (mol m) m−2 s−1 Pa−1

u Velocity vector m s−1

u Velocity m s−1

z Axial coordinate m
µ Viscosity Pa s
ρ Density kg m−3

Subscripts
c Characteristic
g Gas phase
i Interface
inner Inner
j Component j
L Liquid phase
m Membrane
mean Mean or average value
0 Inlet
O2 Oxygen
O3 Ozone
outer Outer
Out Outlet
tot Total
w Characteristic length scale of water phase
Acronyms
CFD Computational fluid dynamics
PDMS Polydimethylsiloxane
PTFE Polytetrafluoroethylene
PVDF Polyvinylidene difluoride
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