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Abstract: In this work, a simplified comprehensive three-dimensional numerical model is developed
to study the effect of hydrogen production on co-gasification of biomass and low-density polyethylene
(LDPE). CFD software AVL Fire 2020 inbuilt algorithms were employed to develop the gas phase
while the solid phase was developed by user-defined FORTRAN subroutines. Solid hydrodynamics,
fuel conversion, homogenous and non-homogenous chemical reactions, and heat transfer, including
radiation, subroutines were defined and incorporated into AVL FIRE explicitly. Species concentrations
of the syngas were analyzed for co-gasification of Beechwood and LDPE for three distinct types
of bed materials (silica sand, Na-Y zeolite, and ZSM-5 zeolite). Then, the model is validated with
experiment results available in the literature for a lab-scale fluidized bed reactor. The highest
hydrogen production was observed in Na-Y zeolite followed by ZSM-5 zeolite and silica in both
numerical and experimental analysis for the co-gasification of Beechwood and LDPE, providing a
reasonable agreement between the numerical and the experimental results. Therefore, the current
model predicts the enhancement of the quality of hydrogen-rich syngas through the application of
co-pyrolysis within a fluidized bed reactor, incorporating a catalytic bed material.

Keywords: biomass; LDPE; catalysts; combustion; gasification; pyrolysis

1. Introduction

Co-gasification of biomass and plastic has become popular in recent years due to its
hydrogen-rich syngas concentration compared to biomass sole combustion and gasification.
Moreover, population growth and rapid urbanization have caused huge plastic utilization
and massive plastic production in the world [1] crossing 2.5 million tons in Australia
only in 2021 [2]. Plastic consumption in the world is forecasted to double within the
next 15 years and the main plastic consumers are the sectors of packaging, electrical,
agricultural, building, and automotive. The significant rise in plastic usage has led to a
substantial increase in the amount of plastic waste, with around 60% of the total plastic
waste being either disposed of in landfills or released into the environment [3]. Therefore,
using waste plastic for co-gasification to produce energy can cause a solution to this serious
environmental threat [4]. Furthermore, high oxygen content in biomass can be compensated
by the high hydrogen-to-carbon ratio in plastic resulting in hydrogen-rich syngas and lower
tar yields [5,6].

Co-gasification of biomass and plastic offers a promising technology for reducing
greenhouse gas emissions. By utilizing carbon-neutral biomass alongside plastic waste, this
process diverts waste from landfills and incinerators while producing syngas for energy
generation. Co-gasification can lead to more complete combustion, lower greenhouse gas
emissions, and the potential for carbon capture and utilization. Overall, co-gasification
presents an innovative solution to both waste management and global warming issues.
Further, co-gasification of biomass and plastic presents a promising pathway towards cost-
effective waste management and renewable energy production by leveraging synergies
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between different feedstocks and optimizing the gasification process for maximum effi-
ciency and value recovery. The cost-effectiveness of co-gasification of biomass and plastic
to produce hydrogen hinges on factors like feedstock availability, technology efficiency,
scale of operation, and market demand [7,8].

The main compositions of waste plastic are high-density polyethylene (HDPE) and
low-density polyethylene (LDPE), which are the types of polyethylene burnt and gasified
mostly in fluidized bed reactors with biomass [9] due to polyethylene sole combustion
result in agglomeration and defluidization. It is a more effective strategy that also helps
to alleviate difficulties that arise at the time of gasification of a single feedstock, like tar
formation in biomass gasification and inadequate gasification of plastics caused by lowering
fine particles [9–13]. Lopez et al. [9,14] demonstrated that co-gasifying HDPE with forest
pine wood in a conical spouted bed reactor lowers tar and char generation while enhancing
carbon conversion efficacy. Mastellone et al. [15] examined the co-gasification of plastics,
wood, and coal in a bubbling fluidized bed reactor. They summarized that the use of coal
and wood in plastic gasification lowers the production of tar. Aznar et al. [16] examined
the best conditions for the co-gasification of waste plastics, biomass, and coal. The ideal
temperature was found to be 850 ◦C, with an equivalent ratio of 0.36. The use of waste
plastics in coal and biomass gasification may help to mitigate the problems caused by
seasonal biomass.

Moreover, Syngas yield can be increased in the fluidized bed combustion by using a
catalytic bed material which improves the tar cracking in pyrolysis [17–19]. Some zeolite
catalysts have been tested to decrease the high molecular weight of wax. Among the zeolite
catalysts, NKC-5 (ZSM-5) proved to be the most successful catalyst. The fraction of the
non-condensable gases was raised from 17% w/w to 58% w/w by adding 10% w/w NKC-5
into the Polyethylene feedstock [20]. A review has been conducted by Lappas et al. [21]
to study the catalytic effect on biomass pyrolysis and identified that the ZSM zeolites
are most promising in increasing the bio yield from biomass combustion. Jerzak et al.,
have conducted an experimental analysis of the effect of zeolite catalyst vs. silica sand
on biomass pyrolysis char, tar, and gaseous yields [22] and found out the char generation
percentage is increased and the gas percentage is decreased in zeolite compared to silica
sand. Gao Feng conducted a study on the catalytic impact of ZSM-5 zeolite and Na-Y zeolite
on plastic pyrolysis. He observed that the use of both zeolites resulted in an increased
generation of condensable gas during the pyrolysis of LDPE [20]. Fernandez et al., have
conducted an experimental study to analyze the catalytic bed material effect of olivine
on the pyrolysis yield of biomass and found out that using olivine as the bed material
has a minimal effect on pyrolysis yield as the pyrolysis percentages are very similar to
non-catalytic silica sand [23].

The solid bed hydrodynamics model for fluidized beds developed by Naser et al. [24]
is employed in the present study to model the bed hydrodynamics. This hydrodynamics
model is validated with the set of experiments carried out by Bell [25] who found out the
results are reasonably similar to the experimental results. Fuel conversion for both beech
wood and LDPE followed by heat transfer and energy conversion are developed using
the existing literature mentioned in the model description section [26–29]. This simplified
but comprehensive model used in this study was applied to three different bed materials
including catalytic bed materials with a constant air flow rate. The numerical results of
species concentrations at the outlet of the fluidized bed reactor were compared with the
experimental results from the analysis conducted by Zhu et al. [30] for a lab-scale fluidized
bed reactor.

AVL Fire 2020 advance simulation software is used for this model and coupled with
the user-defined solid phase subroutines explicitly [31]. The Eularian–Eularian two-fluid
approach is used in the model with mass, momentum, and energy equations that are solved
for both the solid phase and gas phase.

The significance of the present work lies in its innovative approach to enhancing the
yield and quality of hydrogen-rich syngas. Through the application of co-gasification within
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a fluidized bed reactor, coupled with the strategic incorporation of a catalytic bed material,
this study not only contributes to advancing the understanding of gasification processes but
also holds promise for optimizing the production of clean and efficient energy resources,
particularly in the form of high-quality H2-rich syngas. The synergy of these techniques
represents a crucial step forward in the pursuit of sustainable and environmentally friendly
energy solutions. Subsequent research utilizing this established model can be conducted to
determine the most favorable parameters of feedstock composition, particle size, etc. for co-
gasification of biomass and LDPE to enhance the cost-effectiveness and reduce greenhouse
gas emissions.

2. Model Description

In this model, the solid phase is modelled explicitly by user-defined subroutines
and coupled with the AVL fire gas phase separately. Solid phase modelling consists
of several sub-models developed by several authors and validated with experimental
data [24,32]. The model is further developed to predict the co-gasification of biomass and
LDPE for three different bed materials in the fluidized bed reactor. Figure 1 illustrates the
sequential procedures employed in the model development of the co-gasification process
using biomass and LDPE.
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2.1. Modelling of Bed Hydrodynamics

Governing equations of continuity and momentum are solved for both gas and solid
phases in the Eularian–Eularian modelling approach [24]. The solid hydrodynamics model
development considered factors such as solid fraction, particle size, bubble growth in
the bed, and solid phase mass transfer. Equations (1) and (2) represent the continuity
equations for gas and solid, respectively. They represent the mass transfer from the con-
trolled volume and mass transfer into the controlled volume and net mass transfer in and
out of the control volume. Momentum transfer for gas and solid phases are shown in
Equations (3) and (4) including all the parameters related to the momentum transfer in and
out of a controlled volume.

∂
(
εgρg

)
∂t

+∇ ·
(
εgρgug

)
= Sgs, (1)
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∂(εsρs)

∂t
+∇ · (εsρsus) = Ssg, (2)

∂
(
εgρgug

)
∂t

+∇ ·
(
εgρgugug

)
= −εg∇P +∇τg + Smom

(
ug − us

)
+ εgρgg + Sgs, (3)

∂(εsρsus)

∂t
+∇ · (εsρsusus) = −εs∇P +∇ · τs − Smom

(
ug − us

)
+ εsρsg + Ssg. (4)

Drag Model

The forces acting on solid particles and the gas phase within the control volume
are commonly used to assess interphase momentum transfer. This estimation utilizes
Equations (5) and (8), which are based on the solid volume fraction in each domain cell. In
regions where the solid volume fraction exceeds 0.2 (ε > 0.2, representing dense regions),
an empirical pressure drop correlation developed by Ergun [33] is utilized to compute
flow resistance. Conversely, for regions with a solid volume fraction below 0.2 (ε < 0.2,
representing dilute regions), the Gidaspow model [34] is used for pressure drop calculations.
Coefficients of permeability and inertia, denoted as η and γ, respectively, are determined
using Equations (6) and (7) to estimate Smom for the dense phase in Equation (5). Then the
gas phase flow resistance term is introduced into the solid phase momentum equation with
an opposite sign. Equations (9) and (10) are used to calculate the drag coefficient of the gas
phase and the Reynolds number of the gas flow, respectively.

Smom = −
(
µg

η
|v∞|+ γ1

2
ρgv2

)
(forε s > 0.2), (5)

η =
ψ2d2

eq

150
(1 − εs)

3

ε2
s

, (6)

γ =
3.5
ψdeq

εs

(1 − εs)
3 , (7)

Smom =
3
4

Cd
εgρg

∣∣ug − us
∣∣εs

ds
ε−2.65

g (forε s ≤ 0.2), (8)

Cd =

{
24(1+0.15Re0.687)

Re , Re ≤ 1000
0.44, Re ≥ 1000

, (9)

Re =
ρg
∣∣ug − us

∣∣εgds

µg
, (10)

2.2. Fuel Conversion

Fuel conversion with temperature rising for LDPE and biomass was taken into account
in this study. All three steps for biomass solid fuel conversion, drying, devolatilization,
and char combustion were modelled [35] for silica bed material. For catalytic bed material,
pyrolysis is modelled according to the existing literature [36,37]. Moreover, Primary py-
rolysis and secondary pyrolysis were taken into consideration for the pyrolysis of LDPE
fuel conversion. Gas, char, tar, and wax percentages vary according to the bed material for
both the Beechwood and LDPE pyrolysis process and this variation is accounted for in the
present study to model the catalytic effect of bed materials [20,22,23]. Various scalars from
existing literature were used in this study to model the solid fuel conversion process [29,35].

2.2.1. Biomass Drying

Biomass contains some amount of moisture and when the solid fuel is heated that
moisture content evaporates from the solid fuel. Evaporation initiates with the solid fuel
temperature reaches 373 K and then devolatilization and char consumption occur [27].
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As the fuel heats up, at some stage heating exceeds drying and starts to release volatile
matters. Therefore, part of the heat supplied is consumed for the latent heat of evaporation
while other part contributes as sensible heat and heats up the fuel. Drying rate is modelled
considering this scenario and taking into account in Equation (11). Value for α is taken as
0.5 which reflects the amount of heat absorbed for evaporation [35].

Dryingrate
.
R

′′′
moist = α

ρp.Cp

LHmoist

∂Ts

∂t
when Ts ≥ Tevap. (11)

2.2.2. Biomass Devolatilization

Devoatilization is one of the most important and complex process in biomass com-
bustion in fluidized bed reactor [38,39]. In reality, it includes many number of complex
reactions for biomass degradation and volatile matter release [40] which becomes pyrolysis
difficult to model. Although delvolatilization includes complex and indefinable intermedi-
ate reactions, it is not necessary to model every reaction when modelling bio mass pyrolysis.
In the present study, a simplified reaction scheme is used to model the pyrolysis of biomass
representing non condensable gases, condensable gases (tar) and char. Equation (12) in-
dicates the three parallel reactions for condensable gas, tar, and char used to model the
pyrolysis process in the present study.

Devolatilizationrate
.
R
′′′
wood = ρw∑3

i=1 Aiexp
(
− Ei

R.Ts

)
(12)

In Equation (12) i = 1, 2 & 3 represents the rate of gas release, tar release and char
generation, respectively due to biomass pyrolysis process. Table 1 includes the kinetic
reaction parameters for the devolatilization model for gas, tar and char [26–28].

Table 1. Kinetics of beechwood pallet devolatilization.

Kinetics of beechwood pellet
devolatilization

i = 1(gas)A1 = 1.44 × 104(s−1), E1 = 88.6 × 103
(

Jmol−1
)

i= 2(tar)A2 = 4.13 × 106(s−1), E2 = 112.7 × 103
(

Jmol−1
)

i = 3(char)A3 = 7.38 × 105(s−1), E3 = 106.5 × 103
(

Jmol−1
)

2.2.3. LDPE Pyrolysis

Pyrolysis of LDPE is a complex process that involves chains of reactions. Additionally,
LDPE pyrolysis is affected by catalysts, reactor type, and the secondary cracking process.
A single reaction model to represent the plastic decompositions available in the literature
can be used for LDPE, HDPE, PS, and PP. However, it does not accurately predict results
for simulation studies of LDPE. Thus a two-stage kinetic model for LDPE which includes
primary and secondary cracking proposed by McNeill [41,42] is implemented in the LDPE
pyrolysis model as indicated in Table 2.

LDPEPyrolysisrate
.
R
′′′
ldpe = ρldpe∑2

i=1 Aiexp
(
− Ei

R.Ts

)
[LDPEi]

ni. (13)

Table 2. LDPE pyrolysis kinetics [20].

Kinetics of LDPE
i = 1(primary)A1 = 2.23 × 107 (s−1), n1 = 1.4, E1 = 120 × 103

(
Jmol−1

)
i = 2(secondary)A2 = 2.45× 1013 (s−1), n2 = 0.6, E2 = 220× 103

(
Jmol−1

)
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2.3. Char Combustion

This work considers four distinct heterogeneous processes in the context of char
combustion, and their respective kinetic rates are presented below. The process of char
combustion is subsequently modified by employing the equations derived from the extant
literature [35].

C + φO2 → 2(1 − φ)CO + (2φ − 1)CO2 (14)

Kox = 1.715 · Ts · exp
(
−9000

Ts

)
(15)

C + CO2 → 2CO (16)

Kg.1 = 3.42 · Ts · exp
(
−1.56 × 104

Ts

)
(17)

C + H2O → CO + H2 (18)

Kg.2 = 5.7114.Ts · exp
(
−1.56 × 104

Ts

)
(19)

C + 2H2 → CH4 (20)

Kg.3 = 3.42 × 10−3 · Ts · exp
(
−1.56 × 104

Ts

)
(21)

Equation (23) represents the char consumption rate and it included all four heteroge-
neous reactions [27,29,43]. The rate of char consumption is driven by both thermal process
and diffusional process with oxygen. Combustion process has a strong influence on pri-
mary available CO/CO2 ratio. Roughly two-third of total heat account for heat release by
CO combustion during the whole char oxidation [44]. Therefore, it is very crucial to model
it accurately and has become very difficult to model. However, in this model, Equation (25)
estimates the amounts of CO and CO2 production and ϕ is the char oxidation parameter.
K is defined as the constant for each char reaction. It is derived using Equation (45) due
to diffusion (Km). Kinetics rates and diffusion of O2, H2O, CO2 and H2 are used to cal-
culate global char constants for each heterogeneous reaction. Particle density can change
significantly during char consumption due to the internal chemical and physical structure
variation in fuel particles and it has been taken into account in this present study.

Char generation rate

.
R

′′′
g.char = ρw.A3.exp

(
− Ei

R.Ts

)
. (22)

Char consumption rate

.
R
′′′
c.char = Kox

glob Av[O2]Mc + Kg.1
glob Av[CO2]Mc + Kg.2

globAv[H2O]Mc + Kg.3
globAv[H2]Mc. (23)

Global char constant

Kox
glob =

1
1

Kox+ 1
Kox

m

, Kg.1
glob =

1
1

Kg·1+ 1

K
g.1
m

, Kg.2
glob =

1
1

Kg·2+ 1

K
g.2
m

, Kg.3
glob =

1
1

Kg·3+ 1

K
g.3
m

. (24)

Char oxidation parameter

φ =
2 + 4.3exp

(
− 3390

Ts

)
2
(

1 + 4.3exp
(
− 3390

Ts

)) . (25)
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2.4. Homogeneous Gasification Model

Gasification is highly dependent on the composition of the volatile release from de-
volatilization and char combustion. CO, CO2, H2, H2O, CH4, C2H6, C3H8, C4H10, and
C6H6 (tar) are volatiles associated with biomass and LDPE pyrolysis [20,45–47]. The gasifi-
cation model is modified and developed with an iterative approach, as the model predicts
volatiles accurately [29]. This model is then used in some literature for the modelling of
simplified multistep homogeneous chemical reactions [35]. This is because advantageous
of the multistep homogeneous chemical reaction model over single-step chemical reaction
model [47,48]. The dominant homogeneous chemical reactions at higher gasification tem-
peratures were taken into account considering air as the gasification agent [6]. The general
format for the light hydrocarbon homogeneous chemical reactions is as below represented
in Equations (26)–(28) [49]. These reactions were considered for all the volatiles released
from LDPE pyrolysis. Additionally, Equation (29), water gas shift reaction and 30 hydrogen
reaction with oxygen are also considered for the homogeneous gasification reaction model.

CnHm + nH2O → nCO + (n + m/2)H2, (26)

CnHm + nCO2 → 2nCO + m/2H2, (27)

CnHm +
(n + m/2)

2
O

2
→ nCO + m/2H2O, (28)

CO + H2O → CO2 + H2, (29)

O2 + 2H2 → 2H2O, (30)

Eddy break-up model (EBU) is used to simulate the homogeneous gasification model
in this study. EBU approach estimates the species mass fractions based on the availability
of gasification agents and fuel. It is an important method of predicting chemical reaction
probabilities in turbulence kinetic modelling [50]. The EBU approach by Spalding [51] is
further developed by Magnussen and Hjertager [52] in which the local parameters are used
to determine the primary reaction rate in Equation (38).

ρr .
fu

=
Cfu
τR
ρmin

(
yfu,

yox
S

,
Cpr.ypr

1 + S

)
. (31)

2.5. Energy Model

Energy equations, Equation (41) encompass numerous source terms originating from
different steps of the combustion process. Sreac

s represents the source term obtained during
the processes of drying, devolatilization, and char consumption of biomass [29] and pyrol-
ysis of LDPE. Equation (33) is altered by including a term derived from LDPE pyrolysis.
Sconv

s and Srad
s source terms in the energy equation arise from convective and radiative heat

transfer, respectively. Energy conversion occurs as a result of solid mass reduction due to
mass conversion and other associated processes, which is denoted as Sloss

s .

Sreac
s = −

.
R

′′′
moist · ε · LHmoist −

.
R

′′′
volatile · fgas · ε · LHbio dev −

.
R

′′′
LDPE · fgas · ε · LHLDPE dev + Sreac

char · ε, (32)

S
reac
char =

(
K

ox
glob Av[O2]Mc · [(2φ − 1)∆Hco2 + 2(1 − φ)∆Hco] + K

g·1
glob Av[CO2]Mc · ∆Hg·1 + K

g·2
glob Av[H2O]Mc, ·∆Hg·2 +K

g·3
glob Av[H2]Mc · ∆Hg.3

)
· ks/g, (33)

Sloss
s =

( .
R

′′′
moist +

.
R

′′′
volatile · fgas +

.
R

′′′
ldpe · fgas +

.
R

′′′
char

)
· ε ·

(
CpTs

)
∆t, (34)

Rate of change solid volume fraction due to char

∂ε

∂t
= −

.
R

′′′
c.char
ρp

ε (35)
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Solid temperature

∂
(
ερpcpTs

)
∂t

= ∇(ks,eff · ∇Ts)− Sloss
s (36)

Third power of particle diameter

∂d3
p

∂t
= −

.
R

′′′
cc char
ρp

d3
p (37)

Moisture density
∂(ερmoist )

∂t
= −

.
R

′′′
moist ε (38)

Dry wood density
∂(ερwood )

∂t
= −

.
R

′′′
wood (39)

Char density
∂(ερchar )

∂t
=
( .

R
′′′
g.char −

.
R

′′′
c.char

)
ε (40)

Energy equation source

Ss = Sreac
s + Sconv

s + Srad
s + Sloss

s (41)

LDPE density
∂(ερLDPE )

∂t
= −

.
R

′′′
LDPE ε (42)

2.6. Mass and Heat Transfer Model

Mass and heat transfer process is very important when modelling fuel combustion. In
the present study, convection and radiation have been considered as main heat transfer modes
between solid and gaseous phases. Correlations developed by Wakao and Kaguei [53,54] have
been used for the heat and mass transfer design of this study. Equation (43) calculates the
source term of solid convection term and that value with the opposite sign is added to the gas
phase energy equation as the source term. Nusselt number is calculated in Equation (46) and
the Sherwood number is calculated in Equation (47). Equation (45) is used to estimate mass
transfer coefficients which are used in modelling char consumption rate mentioned above for
each heterogeneous reaction.

Sconv
s = −Sconv

g = hAvv
(
Tg − Ts

)
, (43)

h =
Nu · k

deq
, (44)

Km =
Sh.D
deq

, (45)

Nu = 2 + 1.1R0.6Pr1/3, (46)

Sh = 2 + 1.1Re0.6Sc1/3. (47)

Radiation Model

Fluidized bed mixes solid particles well and the bed is controlled to high temperature,
hence the solid particles tend to increase their emissivity and absorptivity. Therefore,
modelling the radiation heat transfer is important for fluidized bed which operates at
high bed temperature. Discrete transfer radiation model (DTRM) is used in radiation
modelling [55] in the present study. This method can be found in many numerical studies
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available in literature for radiation modelling [35,48,50,56]. In DTRM technique, a space
is divided to defined number of angles to transport radiation intensity. Total area of the
radiation is coved by the number of rays sent in many directions from a physical surface.

i′n+1 = i′n(1 − ϵ(T, xi)) + i′b(T)ϵ(T, xi), (48)

ib = σ.T4
g, (49)

Radiation intensity is defined in Equation (48) and the number of rays released in
many directions carries the radiation intensity (in). Gas composition and the temperature in
the environment are the factor affect to the emissivity. Black body emissivity, ib is defined
in Equation (49). In this radiation modelling, emissivity in solid phase is taken as a constant
and multiplied it with the solid fraction of the cell to get the effective emissivity. Emissivity
of the gas phase is modelled by weighted sum of grey gas (WSGGM). Gas, reacting particles
and non-reacting particles have been considered in this radiation model. Then the radiation
source term of the energy equation is calculated by taking the sum of all the intensities of
all the rays pass through a controlled volume.

3. Experimental Setup and Grid

The simulation grid is generated by aligning with the fluidized bed reactor used in
the experimental analysis conducted by Zhu et al. [30]. Identical dimensions and initial
conditions of the empirical study are adopted in the simulation setup to keep the analogy.
The model’s validation is carried out by comparing its predictions with the experimental
results of species release at the top of the reactor for the co-gasification of Beechwood
and LDPE.

A conically spouted lab scale cylindrical grid is generated based on the experiment
setup shown in Figure 2. Bed height is adjusted for three distinct bed materials according
to their specified densities mentioned in Table 3 keeping 1 kg of a constant amount of
bed material for every run. The selected particle size for each bed material examined in
the numerical analysis is 0.5 mm, which is consistent with the experimental conditions.
Figure 3 depicts the varying heights of the beds based on the density of the bed material.
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Table 3. Densities and the bed heights for each bed material [57–59].

Bed Material Density/kg/m3 Bed Height/mm

Silica sand 2640 85

ZSM-5 Zeolite 1790 123

Na-Y Zeolite 1920 114
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Figure 3. Bed heights (yellow color) of silica sand, ZSM-5 zeolite, and Na-Y zeolite from left to
right, respectively.

A mixture of Beechwood and LDPE is fed into the reactor through the fuel inlet for
all runs with a 1:1 ratio, maintaining a total fuel feeding rate of 400 g/h. Solid particle
density is modelled by considering bed material density, moisture density, dry wood
density, and char density. Thermochemical properties of Beechwood and LDPE are factored
in the calculation of the airflow rate according to the equivalence ratio of 0.27 provided
by Zhu et al. [20,30]. Air and N2 are supplied from the bottom of the reactor throughout
the simulation.

Air is fed at a constant velocity of 0.03 m/s for every run and N2 was also fed at a
rate of 10 mL/min from the bottom of the reactor. The mesh was generated by AVL Fire
workflow manager hybrid assistance as illustrated in Figure 4 and this identical mesh was
used for all 3 simulations. To assess the accuracy of the model, species concentrations at
equilibrium are compared with the experimental findings by taking a cross-sectional cut
located 50 mm below the top of the reactor.
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Conventional CFD practice of the SIMPLE algorithm is used for pressure velocity
correction [60]. Non-slip boundary conditions are applied for the solid phase and standard
log law is used for the gas phase. A time step of 0.01 s is used for all the simulations for a
run time of 1800 s.

4. Results and Discussion

The primary objective of this study is to compare the numerical results of synthesis gas
concentrations resulting from the Beechwood and LDPE gasification in the fluidized bed
reactor for three distinct bed materials with experimental results. Additionally, fluidized
bed hydrodynamics, flow, and solid temperatures, fuel conversion parameters are also
analyzed in this work. Beechwood and LDPE are supplied to the reactor through the fuel
inlet and were modelled in user-defined sub-routines for the solid phase and coupled with
the software explicitly. For all three runs, the process reached equilibrium and during the
whole process, 100 g each of Beechwood and LDPE were fluidized.

The model results of species concentrations were subjected to quantitative validation
against the experimental analysis conducted by Zhu et al. [30]. Validation was conducted
specifically for H2, CO2, CO, and CH4 concentrations, comparing the corresponding values
obtained from the experiment.

Furthermore, the species concentrations attaining equilibrium are also analyzed in
this paper. The bubble growth and solid bed hydrodynamics are qualitatively compared
with the 3D numerical model for the fluidized bed developed.

4.1. Solid Bed Hydrodynamics

Figure 5 represents the bubble growth of silica bed material simulations. The only
variable affecting the bubble growth of these three runs is particle density as all the other
factors such as flow velocity, and particle diameter are constant.
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Figure 5. Solid bed region bubble growth Silica 0.05 s 0.1 s 1 s 3 s (m3/m3).

Bubbles form from the bottom of the solid bed and come toward the top of the bed
while growing in size until the bubbles’ buoyancy force is higher than the solid drag
force. Buoyancy force increases with increasing the bubble diameter and bubbles come to
the surface of the solid bed and explode. This scenario keeps repeating in the fluidized
bed reactor to ensure a good fuel mixing capability for better combustion. Solid particles
tend to move as the bubble rises and therefore, lesser solid fraction regions are created.
This hydrodynamics behavior is similar to the bubbling fluidized bed bubble formation
according to studies conducted by many researchers [61,62].
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4.2. Solid and Gas Temperature Distribution

Initially, solid temperature can only be observed in the bed region, but as time pro-
gresses, solid temperature expands to the emulsion phase. Figure 6a illustrates the upward
expansion of solid temperature in the fluidized bed reactor. Despite the solid temperature
spreading to the emulsion phase, the solid fraction in the emulsion phase remains below
0.0001. Therefore, the solid temperature in those areas can be negated.
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The solid temperature around the fuel inlet is higher with a maximum temperature
of 1373 K due to the char combustion reactions of Beechwood taking place. The fuel inlet
region is closer to the solid bed region which has a considerable solid volume fraction (>0.2),
therefore conduction and radiation heat transfer are elevated in this region. Consequently,
heat from the fuel inlet is effectively transferred to the solid bed region and the temperature
of the solid bed rises. A similar pattern of solid temperature distribution is observed
consistently for all three-bed materials.

Gas temperature exhibits a rise towards the freeboard region over time as depicted
in Figure 6b. This temperature elevation is primarily a consequence of convection and
radiation. Moreover, gasification reactions occur in the freeboard region and also contribute
to the gas temperature behavior in the freeboard. The gas temperature continues to increase
until the system reaches a steady state and then fluctuates around 1130 K in the freeboard
providing preferred higher gasification temperatures for better syn gas production. These
observations are closely aligned with the gas temperature observations for gasification in
fluidized beds in some numerical analyses conducted for fluidized beds [63].

4.3. Fuel Conversion

Fuel conversion is illustrated in Figure 7 displaying the densities of moisture, drywood,
char, LDPE, and wax. Moisture content (Figure 7a) from Beechwood evaporates rapidly
due to the high bed temperature and low percentage of moisture in the Beechwood fuel
ultimate analysis provided in the literature [30]. Further, LDPE does not have moisture
in it according to the proximate analysis of the LDPE [30] which can also be attributed to
negligible moisture density in the reactor.



Energies 2024, 17, 1804 13 of 20Energies 2024, 17, 1804 14 of 21 
 

 

 
        (a)    (b)  (c)        (d)     (e) 

Figure 7. (a) Moisture density, (b) dry−wood density, (c) char density, (d) LDPE density, and (e) 
Wax density distributions in kg/m3 

4.4. Equilibrium and Species Concentrations 
Volatile release through the outlet of the reactor is stabilized towards the 1800 s for 

all simulations as observed in the experiments by Zhu et al. [30]. Figure 8 illustrates the 
mass fraction variation at the outlet of the reactor. Species distribution throughout the 
reactor at the equilibrium is depicted in Figure 9. In this work, the concentration of light 
hydrocarbons (C2H6, C3H8, and C4H10) from LDPE pyrolysis was deemed low due to 
gasification reactions. Despite having considerable mass fraction in Figure 8c,d for C2H6 
and C3H8, respectively, the number of moles is low due to high molar mass. Therefore, 
mole concentrations of H2, CO2, CO, and CH4 are high resulting in similar observations 
with the experiment. 

Initially, 2% of fuel from the total weight of the bed is assumed to start the 
combustion process. Therefore, the initial rise of the species concentrations at the top 
outlet of the reactor can be observed. Then after the initial fuel is burned, only the fuel 
supply from the fuel inlet contributes to the fuel conversion process. Therefore, the 
concentrations become almost constant while the system achieves equilibrium. These 
species from LDPE pyrolysis react with H2O, O2 and CO2 and form CO, CO2, and H2 in 
the gasification process (Equations (26)–(30)). 

H2, CO2, CO, and CH4 mass fractions are higher in the freeboard compared to 
fluidized bed and emulsion phases. It is due to the gasification reactions with light 
hydrocarbons from LDPE pyrolysis. Even though CO2 reacts with light hydrocarbons and 
produces H2 and CO, Equation (29), water gas shift reaction also takes place with the H2O 
molecules produced from light hydrocarbon reactions with oxygen and produce CO2. 

CH4 mass fraction is high relative to other light hydrocarbons due to the gasification 
reaction with char reaction (Equation (20)). However, the concentration of CH4 is lower 
than H2, CO2, and CO because the heterogeneous kinetic reaction rate (Equation (20)) of 
the methanation reaction is low compared to Equation (14), Equation (16), and Equation 
(18). 

Syn gas at the outlet of the reactor compared to the bed region is rich in hydrogen at 
the equilibrium as gasification reactions of water–gas shift reaction (Equation (26)) and 
steam methane reforming reaction (Equation (27)) take place in the freeboard. Further, H2 
is consumed by char around the fuel inlet and reduces H2 concentration. Due to Equations 
(26) and (29) H2O concentration at the equilibrium is only considerable in the bed region 
and decreases when it reaches to freeboard. 

Figure 7. (a) Moisture density, (b) dry−wood density, (c) char density, (d) LDPE density, and (e) Wax
density distributions in kg/m3

Dry wood and the LDPE introduced from the fuel inlet also dry out due to the high
solid temperature in the vicinity of the fuel inlet and the low fuel flow rate as illustrated in
Figure 7b,d. Another reason for low drywood and LDPE densities can be caused by only
200 g of fuel being co-gasified within the whole run time.

Wax density, a product from LDPE pyrolysis accumulates in the bed over time. Subse-
quently, the devolatilization of Beechwood and LDPE occurs releasing volatile compounds.
The considered volatiles from Beechwood pyrolysis include H2, CO2, CO, and H2O, and
volatiles from LDPE pyrolysis include CH4, C2H6, C3H8, and C4H10. The light hydrocar-
bons produced from LDPE pyrolysis react with O2, H2O, and CO2 in the gasification process.
Char density fluctuates in Figure 7c around the fuel inlet as the Beechwood enters from it.
This is because the fuel is coming into the reactor continuously generating char according
to Equation (22) and consuming the generated char in Equations (14), (16), (18) and (20)
R1–R4 char combustion reactions.

4.4. Equilibrium and Species Concentrations

Volatile release through the outlet of the reactor is stabilized towards the 1800 s for all
simulations as observed in the experiments by Zhu et al. [30]. Figure 8 illustrates the mass
fraction variation at the outlet of the reactor. Species distribution throughout the reactor at
the equilibrium is depicted in Figure 9. In this work, the concentration of light hydrocarbons
(C2H6, C3H8, and C4H10) from LDPE pyrolysis was deemed low due to gasification reactions.
Despite having considerable mass fraction in Figure 8c,d for C2H6 and C3H8, respectively, the
number of moles is low due to high molar mass. Therefore, mole concentrations of H2, CO2,
CO, and CH4 are high resulting in similar observations with the experiment.
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Initially, 2% of fuel from the total weight of the bed is assumed to start the combustion
process. Therefore, the initial rise of the species concentrations at the top outlet of the
reactor can be observed. Then after the initial fuel is burned, only the fuel supply from
the fuel inlet contributes to the fuel conversion process. Therefore, the concentrations
become almost constant while the system achieves equilibrium. These species from LDPE
pyrolysis react with H2O, O2 and CO2 and form CO, CO2, and H2 in the gasification process
(Equations (26)–(30)).

H2, CO2, CO, and CH4 mass fractions are higher in the freeboard compared to fluidized
bed and emulsion phases. It is due to the gasification reactions with light hydrocarbons
from LDPE pyrolysis. Even though CO2 reacts with light hydrocarbons and produces H2
and CO, Equation (29), water gas shift reaction also takes place with the H2O molecules
produced from light hydrocarbon reactions with oxygen and produce CO2.

CH4 mass fraction is high relative to other light hydrocarbons due to the gasification
reaction with char reaction (Equation (20)). However, the concentration of CH4 is lower
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than H2, CO2, and CO because the heterogeneous kinetic reaction rate (Equation (20)) of the
methanation reaction is low compared to Equation (14), Equation (16), and Equation (18).

Syn gas at the outlet of the reactor compared to the bed region is rich in hydrogen at
the equilibrium as gasification reactions of water–gas shift reaction (Equation (26)) and
steam methane reforming reaction (Equation (27)) take place in the freeboard. Further,
H2 is consumed by char around the fuel inlet and reduces H2 concentration. Due to
Equations (26) and (29) H2O concentration at the equilibrium is only considerable in the
bed region and decreases when it reaches to freeboard.

O2 concentration in the other regions except the bottom of the reactor is negligible.
This can be attributed to a low reduced environment by lowering the equivalence ratio. N2
does not participate in any reactions total amount of N2 fed from the bottom of the reactor
flows out from the top outlet of the reactor.

4.5. Numerical and Experimental Results Comparison

A comparison of present numerical and experimental species concentration values is
represented in Table 4 for H2, CO2, CO, and CH4 at the outlet of the reactor in steady-state
conditions. Graphical representation of the same results are given in Figure 10. Na-Y
Zeolite has the highest H2 production similar to experiments which is 6.48 mol/h with an
error of 0.6 mol/h compared to the experimental result. H2 production varied from high
to low when bed materials varied from Na-Y Zeolite to ZSM-5 Zeolite and then to Silica,
respectively, in both numerical and experimental results. The lowest error in H2 production
is observed for Silica bed material as the H2 production was lowest. H2 production in syn
gas has enhanced with the catalytic bed zeolite bed material compared to non-catalytic
silica bed material.

Table 4. Experimental and numerical volatile release for four-bed materials at equilibrium (mol/h).

Silica Errorsilica Na-Y ErrorNa-Y ZSM-5 Errorzsm-5

H2
Experimental 2.14

0.26
7.08

0.60
6.26

0.46
Numerical 1.88 6.48 5.80

CO2
Experimental 5.09

−0.41
4.68

0.18
4.90

0.36
Numerical 5.50 4.50 4.54

CO
Experimental 3.63

−0.25
6.90

0.10
5.67

−0.63
Numerical 3.88 6.80 6.30

CH4
Experimental 2.10

1.38
2.20

0.75
2.38

1.18
Numerical 0.72 1.45 1.20

The reason for this is that plastic pyrolysis with catalytic bed material results in
enhanced cracking of the LDPE which leads to a higher percentage of condensable gases
while reducing the tar formation. Those condensable gases include light hydrocarbons
of C2H6, C3H8, and C4H10 in the model which will further react with H2O, O2, and CO2
(Equation (26) to Equation (30) in the gasification model) and enhance the H2 production.
Even though H2 is consumed by the char combustion reaction in Equation (20), due to its
low kinetic reaction rate, the total produced H2 is not consumed by Equation (20). Further,
due to the reduced oxygen environment, Equation (30) is not accelerated to consume H2.

The lowest CO production can be seen in Silica bed material. CO production increases
when using catalytic ZSM-5 zeolite and Na-Y zeolite as bed materials similar to that
observed in the experiments. The reason for this is that the major light hydrocarbon
reactions of Equations (26)–(28) release CO as a product. Further, high CO concentration
can be attributed to the heterogeneous reaction Equation (16) also consumes CO2 and
produces CO.
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The lowest CO2 production of 4.54 mol/h can be seen in ZSM-5 Zeolite in the simulated
results. CO2 production increases in Na-Y Zeolite and Silica progressively. CO2 is lower in
both ZSM-5 Zeolite and Na-Y Zeolite compared to Silica bed material as observed in the
experiments. The highest CO2 production can be seen in Silica bed material simulation
followed by Na-Y zeolite and ZSM-5 zeolite in the numerical results. In the experiment
also the highest CO2 is achieved by the Silica bed material run. In Zeolite bed materials
CO production is enhanced and CO2 production is reduced as mentioned in the above
paragraph. The factors contributing to increased CO production may also account for the
decrease in CO2 levels observed in zeolite bed materials.

The numerical findings exhibit a significant association with the experimental out-
comes on species concentrations. Nevertheless, disparities persist between the numerical
and experimental figures related to species concentrations. This can be due to biomass
pyrolysis and LDPE pyrolysis are complex processes that involve many complex chemical
reactions that are challenging to model. Similarly, only dominant gasification reactions are
employed in this study. Hence the errors mentioned in Table 4 can be attributed to this.

5. Conclusions

A CFD numerical model is developed using the Eularian–Eularian method and with
user-defined subroutines to predict the species concentrations at the equilibrium for co-
gasification of Beechwood and LDPE with two catalytic bed materials and silica. The model
can predict solid hydrodynamics, fuel conversion, and gasified species concentrations.
It is quantitatively and qualitatively validated against available experimental analysis
and numerical models and was able to come to a reasonable agreement with them. Solid
conversion happens rapidly for both Beechwood and LDPE due to the high bed temperature.
Char is generated near the fuel inlet and contributes to the char combustion reactions. Light
hydrocarbons produced from LDPE pyrolysis react with available O2, H2O, and CO2.
Hence, light hydrocarbons vanish rapidly and the mole concentrations become negligible
similar to the experiment. H2 production is promoted by the two catalytic bed materials
compared to non-catalytic silica bed material run predicting the highest H2 production in
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Na-Y zeolite. Therefore, this innovative synergy not only contributes to the advancement
of sustainable energy solutions but also underscores the potential for cleaner and more
efficient energy production methodology.
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Nomenclature

CFD Computational Fluid Dynamics LDPE Low-Density Polyethylene
Ai Pre-exponential factor (s−1) Av Area-volume ratio (m−1)
Cp Specific heat (J.kg−1.K−1) Cd Drag Coefficient (−)
Cfu Combustion model constant (−) Cpr Combustion model constant (−)
dp Particle diameter (m) deq Equivalent diameter (m)
H Enthalpy (J kg−1) Ei Activation energy (j mol−1)
i′ Radiation intensity (W m−2) k Thermal conductivity (W m−1 K−1)
K Char reaction constants (m s−1) M Molecular weight (kg mol−1)
LH Latent Heat (J/kg) S Source term (Wm−3)
P Pressure (Pa) r .

fu
Fuel consumption rate (kg m−3 s−1)

R Ideal gas constant (j mol−1 K−1)
.
R
′′′
i Generation or consumption rates

of various components (kg m−3 s−1)
s Cell face area (m2) Ts Solid temperature (K)
Tg Gas temperature (K) yfu Fuel mass fraction (kg/kg)
t Time (s) u Instantaneous velocity (ms−1)
v Velocity (ms−1) V Volume (m3)
ypr Product mass fraction (kg/kg) yox Oxidizer mass fraction (kg/kg)
Greek Symbols
ϵ Emissivity ε Solid fraction (−)
ψ Sphericity (−) ρ Density (kg m−3 s−1)
σ Stefan-Boltzmann constant τ Stress tensor (N m−2)

(W m−1 K−4)
τR Turbulent time scale (s−1) γ Inertial loss (m−1)
φ Char oxidation parameter (−)
Subscripts
c Consumption g Gas phase
s Solid phase p Particle
eff Effective moist Moisture
wood Dry wood char Char
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