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Abstract: A heat integration optimization method that considers the changes in process parameters
is proposed to find the global optimal process scheme for a coal chemical company’s phenols and
ammonia recovery process. The phenols and ammonia recovery process is simulated by Aspen Plus,
and a programming method for heat exchanger networks synthesis that can simultaneously optimize
process parameters and heat integration is constructed by Matlab. Taking the total annual cost as the
objective function, the following process parameters are optimized: the hot feed temperature and
cold/hot feed ratio of sour water stripper, the temperature of three-step partial condensation system,
the feed temperature and column pressure of both solvent distillation column and solvent stripper.
The result shows that, compared with the heat integration process under original process parameters,
the new heat integration process saves 14.3% energy consumption and reduces the total annual cost
by about 15.1%. The new heat integration process provides guidance for the optimization of the
phenols and ammonia recovery process. The proposed heat integration optimization method based on
changing process parameters is an effective and practical tool that offers good application prospects.

Keywords: coal gasification wastewater; heat exchanger network; heat integration; genetic algorithm

1. Introduction

Coal gasification wastewater is the wastewater produced in the process of producing
coal gas or replacing natural gas in a gasifier, and it mainly comes from washing, condensa-
tion, and fractionation sections [1]. The characteristics of this wastewater are high levels of
toxicity and high concentration of pollutants, mainly containing phenols, ammonia, carbon
dioxide, etc. It is difficult to achieve complete degradation of organic pollutants in the
biochemical treatment process [2].

The combined technical route of chemical separation, biochemical treatment, and
depth treatment is commonly used to treat highly concentrated organic wastewater con-
taining phenols from coal gasification in industry [3–5]. The coal gasification wastewater
contains concentrations of phenolic substances which will poison and inactivate the work-
ing flora in the biochemical treatment section. So, the phenols and ammonia recovery
section of coal gasification wastewater before the biochemical treatment section has a non-
negligible status. Its primary purpose is to recover most of the acidic substances, phenols,
and ammonia in the coal gasification wastewater [6].

Two categories of the phenols and ammonia recovery process are roughly divided
according to the order of phenols and ammonia removal, the two-column process based on
the Lurgi coal gasification wastewater treatment process, and the single-column process
based on the South China University of Technology wastewater treatment process. The
former is not deaminated before phenols removal, resulting in alkaline wastewater, which
reduces the efficiency of polyphenol removal [7]. The latter can remove the crude phenols
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from the wastewater better but requires a large amount of medium- and high-pressure
steam [8].

In order to meet the requirements of green chemistry and zero pollution emission,
there is a need to develop a heat integration process that can save energy and accomplish
the wastewater purification index at the same time. Many optimal processes have been
proposed by researchers from the perspective of energy conservation, which indicates
that the existing processes have great potential to reduce energy consumption through
further process optimization and heat integration. Gai et al. [9] proposed two options for
heat integration between solvent distillation column and solvent stripper based on the
wastewater treatment process of South China University of Technology, among which the
depressurized heat integration process and the pressure-swing heat integration process
can save 18.6% and 18.2% of energy consumption, respectively. Cui et al. [10] obtained a
new heat integration process by thermally integrating the sour water stripper column and
solvent recovery system, saving 30.9% of energy consumption. In addition, the application
of heat pumps has been extensively studied in the heat integration of phenols and ammonia
recovery process. Chen et al. [11] analyzed the feasibility of steam recompression process
using Grand Composite Curve and designed a new integration process. The final process
saves USD 1.095 million in total annual utility consumption. Zahid [12] used Aspen Hysys
to design the vapor recompression scheme of a sour water stripping unit in a refinery.
Compared with the traditional design, the proposed vapor recompression design can
reduce the demand for cooling and heating facilities by 90% and 22%, respectively. Gai
et al. [13] used the flashing mechanical vapor recompression heat pump to reduce the
energy consumption of sulfur-containing wastewater.

The above research demonstrated the feasibility and effectiveness of heat integration.
However, the process can still be further improved. Jin et al. [14] pointed out that the
traditional heat integration design program needs to start with a good process design;
that is, to optimize the design parameters of the process first, and then conduct the heat
integration design. This may lead to the omission of some more competitive solutions.
Therefore, the simultaneous optimization of process parameters and heat integration has
attracted more and more attention from scholars [15–18]. There have been many studies
applying this method to actual processes. Huang et al. [19] used an extended Duran–
Grossmann model to optimize the heat exchanger network of the coal-to-SNG process.
By optimizing the operating parameters, the exergy efficiency of the coal-to-SNG plant
increased by 1.28% compared to the original industrial plant. Khor et al. [20] addressed
the flowsheet optimization of the synthesis of a petroleum refinery to attain an optimal
heat-integrated configuration or topology.

Despite the successful application of some processes of the simultaneous optimization
of process parameters and heat integration, the use of simultaneous optimization methods
in the process of phenols and ammonia recovery is practically not described in the litera-
ture. Therefore, in this study, considering the high energy consumption and high cost of
the wastewater treatment process of a coal chemical company, the process technology is
improved. The whole process simulation of the phenols and ammonia recovery process
is completed by Aspen Plus according to the specific data of the coal chemical company.
A heat exchanger network synthesis program that can simultaneously optimize process
parameters and heat integration schemes is constructed. The total annual cost (TAC) is
used as the objective function, then the influence of some operating parameters on the heat
exchanger network is analyzed. This paper is presented in the following order: the second
section describes and simulates the process of phenols and ammonia recovery; the third
section provides the mathematical model of heat integration; the fourth section presents
the results; the last section summarizes the conclusions.

2. Process Description and Simulation

The process flow of phenols and ammonia recovery in the coal chemical plant is shown
in Figure 1. This process contains a single pressurized column to achieve simultaneous acid
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stripping from the column top and deamination from the side line. The phenols-containing
wastewater, after deacidification and deamination, enters the top of an extraction column,
and the methyl isobutyl ketone (MIBK) extractant enters the extraction column from the
bottom. MIBK and the wastewater are in continuous counter-current contact, and the
phenols-containing MIBK comes out from the top of the extraction column, while the
dephenolsized wastewater is discharged from the bottom. The extraction solution from the
top of the extraction column is pumped into a solvent distillation column equipped with
reboiler, and the raffinate is pumped into a solvent stripper.
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Figure 1. Flow chart of phenols and ammonia recovery process. T1: Sour water stripper; T2:
Extraction column; T3: Solvent stripper; T4: Solvent distillation column; F1~3: Flash tanks; V1~3:
Storage tanks; H1~10: Cooler; C1~6: Heater.

The ELECNRTL thermodynamics models in Aspen Plus are used to provide properties
database [21]. Based on industrial data, the feed composition is shown in Table 1.

Table 1. Wastewater feed composition.

Components H2O Phenol Hydroquinone NH3 CO2 H2S

wt% 96.18 1.16 0.23 2.12 0.54 20 ppm

To meet the biochemical treatment requirements [10,22], the design specifications of
each output product are stipulated as follows.

(1) In order to avoid pipeline blockage, the compositions of water and ammonia in the
acid gas at the top of the sour water stripper should be less than 3 wt% and 1.5 wt%,
respectively.

(2) The purity of crude ammonia product should reach 98 wt% after the three-step partial
condensation system.

(3) After the treatment of phenols and ammonia removal, the concentrations of total
phenols, ammonia, and hydrogen sulfide in the wastewater are reduced to below 500,
150, and 50 mg/L, respectively.

(4) MIBK should be reduced to 5 mg/L in the bottom discharge of solvent stripper.
(5) The MIBK in the crude phenols product at the bottom of solvent distillation column

should be less than 0.2 wt%.
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(6) In order to recover and utilize the solvent MIBK, the concentration of MIBK in the
recovered stream at the top of solvent stripper and solvent distillation column should
be greater than 97 wt%.

In order to match stream data with factory data and regulations as much as possible,
the operating parameters of stripper and distillation columns are shown in Table 2.

Table 2. Operating parameters of the stripper and distillation columns.

Name Soul Water
Stripping Column

Solvent Stripping
Column

Solvent Distillation
Column

Number of stages 55 6 19
Distillate rate/kg·h−1 530 2540 13,000

Reflux ratio / / 0.2
Pressure/bar 6/6.05 1.03/1.04 1.03/1.05
Feed stages 1 #/5 # 1 # 12 #

# stands for column plate serial number.

After the simulation of the whole process is completed, the simulation results are
compared with the actual industrial data, as shown in Table 3. The results show that the
simulated outlet temperature and pressure of each column are consistent with the actual
operating conditions, which verifies the reliability of the simulation results.

Table 3. Comparison of simulation values and actual parameters.

Equipment Number Indicator Actual Value Simulated Value

T1
Top temperature/◦C 40~120 73

Sideline temperature/◦C 152 151
Bottom temperature/◦C 162 159

T2
Top temperature/◦C 40 ± 5 38

Bottom temperature/◦C 40 ± 5 38

T3
Top temperature/◦C 93 86

Bottom temperature/◦C 101 99

T4
Top temperature/◦C 100 ± 10 93

Bottom temperature/◦C 200 ± 10 201

The heat exchanger information obtained from the simulation is organized as shown
in Table 4. The parameters of each heat exchanger consist of three parts: initial temperature,
target temperature, and required heat load. They will be imported into the heat exchanger
network design model as input variables for the program programmed by Matlab.

Table 4. Information on the heat exchanger obtained from the simulation.

No. Stream Name
Initial Temperature Target Temperature Heat Load

◦C ◦C kW

H1 Stripper cold feed 37 35 60.6
H2 Stripper bottom outlet 159 40 13,769.2
H3 Solvent distillation column condenser 113 93 1934.5
H4 Solvent distillation column bottom outlet 201 55 97.0
H5 Solvent stripper condenser 86 55 574.2
H6 Solvent stripper bottom outlet 99 50 5894.8
H7 1st ammonia-rich gas condenser 151 138 4585.5
H8 2nd ammonia-rich gas condenser 138 106 950.8
H9 3rd ammonia-rich gas condenser 106 40 322.1

H10 Ammonia condensate to tank 130 60 775.5
C1 Stripper hot feed 37 146 11,118.2
C2 Solvent distillation column feed 38 99 834.6
C3 Solvent stripper feed 38 87 5448.5
C4 Stripper reboiler 159 159 10,424.3
C5 Solvent distillation column reboiler 201 201 1712.8
C6 Solvent stripper reboiler 99 99 2136.7
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3. Methodology of Heat Integration
3.1. Problem Description

Ten hot streams and six cold streams (containing three vapor flows) were matched
to each other, supplemented by four sizes of utilities, including cooling water, 0.6 MPa
low-pressure steam, 1.5 MPa medium-pressure steam, and 2.8 MPa medium-pressure
steam, to obtain the heat exchanger network solution with the lowest total annual cost.

3.2. Objective Function

The objective function of the integrated heat exchanger network problem is total
annual cost function (TAC) calculated under the selected heat exchanger network, which
contains two parts: annual capital cost and operating cost [23,24]. The operating cost
contains the cost of steam and cooling water consumed during the operation of the complete
heat exchanger network equipment, and the capital cost is simplified to the cost of the
column shell and heat exchanger equipment. The specific formula is shown below.

TAC =
Chex + Ccol

payback period
+ ANC · year (1)

where Chex denotes the equipment cost of the heat exchanger in the system. ANC denotes
the consumption cost of the utilities in the system. The specific calculation method can
be referred to the objective function equation of the heat exchanger network proposed by
Lewin [25].

Chex =
ns

∑
k=1

(A0 + A1 · Sm
k ) (2)

ANC = A2

nu1

∑
s1=1

Hs1 + A3

nu2

∑
s2=1

Hs2 + A4

nu3

∑
s3=1

Hs3 + A5

nu4

∑
s4=1

Hs4 (3)

ns denotes the number of heat exchangers in the heat exchanger network. nu1~nu4
show the number of flows using cooling water, 0.6 MPa low pressure steam, 1.5 MPa
medium pressure steam, and 2.8 MPa medium pressure steam, respectively. S represents
the heat transfer area of a particular heat exchanger in m2. H indicates the amount of utility
consumption used for a particular flow in kJ/h. A0~5 express the economic factors of the
heat exchanger equipment and each of the utility, and the specific values are shown in
Table 5 [10,26].

Table 5. Economic factor values for heat exchanger equipment and utilities.

A0 A1 m A2 A3 A4 A5
×10−6 USD/kJ ×10−6 USD/kJ ×10−6 USD/kJ ×10−6 USD/kJ

0 7296 0.65 4.43 7.78 8.22 8.22

Ccol denotes the cost of the shell equipment for the distillation columns, which is
calculated as follows.

Ccol = 17640D1.066(0.61NT + 3)0.802 (4)

D denotes the design inner diameter of the distillation column and NT represents the
theoretical number of stages of the distillation column. The payback period is calculated at
three years, and the annual equipment work time is 8000 h.

3.3. Material Balance and Energy Balance

The structure of the heat exchanger network consists of several heat exchangers that
can perform a thermal coupling between different streams. Each heat exchanger must
follow the laws of material balance and energy balance. As shown in Figure 2, t′h,ijk and
t′′h,ijk indicate the inlet and outlet temperatures of the heat stream in the heat exchanger
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codenamed ijk (i represents the cold stream code, j represents the hot stream code, and
k represents the number of stages in which it is located), respectively, and similarly t′c,ijk
and t′′c,ijk respectively represent the inlet and outlet temperatures of the cold stream in the

heat exchanger code-named ijk. T I
h,j and TT

h,j denote the initial and target temperatures of

heat stream j, respectively. T I
c,i and TT

c,i represent the initial and target temperatures of cold
stream i, respectively. After matching the hot and cold streams, the streams that still did
not reach the heat transfer target were heat exchanged with suitable utilities in the auxiliary
heat exchanger to achieve the final heat transfer requirements. t′hu,j and t′′hu,j represent the
inlet and outlet temperatures of heat stream j in the corresponding auxiliary heat exchanger,
respectively. t′cu,i and t′′cu,i denote the inlet and outlet temperatures of the cold stream i in
the corresponding auxiliary heat exchanger, respectively.
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Figure 2. Heat transfer model for stream matching.

3.3.1. Energy Balance for Each Streams

In the heat exchanger network, the target heat exchange to be achieved by each stream
is fixed, and the heat exchange is shared by each heat exchanger in the stream. Therefore,
the energy balance equation for each stream is as follows.

Heat stream : Qh,j =
nR

∑
k=1

nC

∑
i=1

Qijk + Qhu,j = Wh,j

(
T I

h − TT
h

)
(5)

Cold stream : Qc,i =
nR

∑
k=1

nH

∑
j=1

Qijk + Qcu,i = Wc,i

(
TT

c − T I
c

)
(6)

Qijk denotes the heat exchange of heat stream j and cold stream i at the heat exchanger
on stage k. If there is no heat exchanger at this position, it is specified that Qijk = 0. Wh,j
and Wc,i represent the heat capacity flow rates of heat flow j and cold flow i, respectively.

3.3.2. Energy Balance for Heat Exchangers

A heat exchanger is an equipment that transfers part of the heat from one hot stream
to another cold stream. In this study, only the split of heat streams was allowed to simplify
the structure of the heat exchanger network. According to the law of energy conservation,
the heat loss of the hot stream should be equal to the heat absorbed by the cold stream, so
the energy balance formula of the heat exchanger is as follows.

Qijk = yijk ·Wh,j

(
t′h,ijk − t′′h,ijk

)
= Wc,i

(
t′′c,ijk − t′c,ijk

)
(7)

where yijk denotes the i-th splition of heat stream j at the k-th level to match cold stream i. If
the j-th heat stream is not matched with the i-th cold stream at the k-th level, then jijk = 0.



Energies 2022, 15, 9258 7 of 17

3.3.3. Material Balance at the Diversion Node

Each heat stream can theoretically be divided into at most nC shares of diversion in
each stage. Then, the material balance at the diversion node is given by

nC

∑
i=1

yijk = 1 (8)

3.3.4. Energy Balance at the Merge Node

At each stage of one heat stream, the divided nC streams of heat stream are reunited
after exchanging energy with the corresponding nC cold streams, respectively. Then, the
energy balance equation at the merging node is as follows.

Wh,j · tj,k =
nC

∑
i=1

(
yijk ·Wh,j · t

′′
h,ijk

)
(9)

where tj,k denotes the temperature of the heat stream entering the next stage after merging
the heat stream j through the k-th stage. After calculating the exit temperature of the heat
stream through the heat exchanger, the temperature of the heat stream in the next stage can
be calculated by the above equation.

3.4. Thermodynamic Constraints

The heat exchangers mentioned in this paper are assumed to be counterflow heat
exchangers. For counterflow heat exchangers, the temperature difference on both sides
must meet the minimum driving force constraint.

t′h,ijk − t′′c,ijk ≥ ∆Tmin (10)

t′′h,ijk − t′c,ijk ≥ ∆Tmin (11)

where ∆Tmin represents the minimum driving force of the counterflow heat exchanger.

3.5. Area Calculation of Heat Exchanger

According to the heat exchange of each heat exchanger and the inlet and outlet
temperature of the corresponding hot and cold streams, the area of the heat exchanger can
be calculated as follows

Qijk = u · Sijk · ∆Tm (12)

∆Tm =

(
t′′h,ijk − t′c,ijk

)
−
(

t′h,ijk − t′′c,ijk

)
ln
{(

t′′h,ijk − t′c,ijk

)
/
(

t′h,ijk − t′′c,ijk

)} (13)

where u represents the heat transfer coefficient. For cooled heat exchanger, u = 0.852kW/
(
K ·m2).

For re-boiling heat exchangers, u = 0.568kW/
(
K ·m2). If the cold and hot streams are

vapor streams, and there is little temperature change before and after heat exchange, then
∆Tm is taken as the difference between the two.

3.6. Algorithm Implementation

The stage-wise superstructure model proposed by Yee [27] was used as the heat
exchanger network model. A two-layer nested optimization structure was adopted in the
algorithm [17]. The discrete variables represented by heat exchanger network structure
were optimized in the upper layer using genetic algorithm (GA). The continuous variables
(split flow rate and exchanger heat load) were optimized in the lower layer through particle
swarm algorithm (PSO). The structural characteristics of each heat exchanger network were
expressed in the algorithm by the incidence matrix [20]. The independent and dependent
variables were obtained by structure identification of the heat exchanger network incidence
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matrix [28]. The specific steps of this hybrid genetic algorithm for heat exchanger network
design are given in Figure 3.
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The program runs in the following steps: after receiving the heat exchanger data
from Aspen Plus, it first enters the PSO algorithm to complete the optimization of the heat
exchanger parameters and then enters the GA algorithm to achieve the optimization of the
heat exchanger network system by selection, crossover, and mutation.

4. Results and Discussions

The algorithm’s operation process is shown in Figure 4.
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As can be seen from Figure 4, after 15 generations of genetic inheritance, the individ-
uals with optimal TAC are reproduced in the population. These individuals continue to
develop and grow in the subsequent evolution, so that the average TAC of the population
reaches the optimal TAC level after 60 generations of genetic inheritance and remains
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unchanged afterward. It indicates that the established hybrid genetic algorithm has a
strong convergence ability. Herein, the effects of some process parameters on the total
annual cost of heat integrated process are analyzed.

4.1. Effects of Column Pressure in Solvent Distillation Column and Solvent Stripper

Cui et al. mentioned that the heat integration between these two columns could be
accomplished by adjusting the pressure of the solvent distillation column and the solvent
stripper [9]. In this paper, the effect of two column pressures on the optimization of the
heat exchanger network is discussed. The process simulation under changing pressure
conditions of the two columns was first completed using Aspen Plus, and the simulated
data were imported by separate operations. The final optimization results are shown in
Figure 5.
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annual cost of the heat integration process.

Changing the pressure of solvent distillation column and solvent stripper will affect
initial temperature, target temperature, and required heat load of some heat exchangers,
thus forcing the hybrid genetic algorithm to seek a new optimal heat exchanger network
structure. From Figure 5, it can be seen that when the pressures of solvent stripper and
solvent distillation column are set to 0.8/1.2 atm, respectively, the total annual cost of the
optimal heat exchanger network reaches the lowest.

The total annual cost of the heat integration process, on the other hand, is only slightly
affected by adjusting the pressure of the twin columns, as shown in Figure 5, which is
consistent with Cui et al.’s findings [9] in the literature. Therefore, this shows that there
is a limit to the heat distribution and temperature distribution in the process section by
adjusting the parameters in the column.

4.2. Effect of Cold-to-Hot Feed Ratio and Hot Feed Temperature

The raw material is divided into two streams before entering the sour water stripper.
One stream enters the top of the column as a cold stream and the other stream is heated
and enters the middle section of the column. The cold-to-hot feed ratio and the hot feed
temperature affect the reboiler heat load of the sour water stripper. If the cold-to-hot feed
ratio increases or the hot feed temperature decreases, the reboiler heat load required to
complete the product indicators will increase. Usually, hot feed is preheated by matching
with other streams, so the changes in cold-to-hot feed ratio and hot feed temperature on
the total annual cost after heat exchanger network structure optimization were analyzed,
as shown in Figure 6.
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Figure 6. Effect of cold-to-hot feed ratio and hot feed temperature of sour water stripper on total
annual cost of heat integration process.

It can be obviously seen from Figure 6 that the total annual cost after heat integration
gradually increases as the cold-to-hot feed ratio continues to increase. As the hot feed
temperature increases, the total annual cost after heat integration decreases and then
increases. At a hot-to-cold feed ratio of 0.15 and a hot feed temperature of 146 ◦C, the total
annual cost after heat integration is the lowest.

Sufficient heat exchange needs to be provided to drive the separation of the products,
which includes the reboiler heat load and the feed heat load. The feed heat load is better
integrated by the heat exchanger network than the reboiler heat load. In other words, the
more heat required to separate the product that is provided by the heat exchange outside
the column, the more easily the heat can be used in the heat exchanger network. It can also
be seen from the analysis in Section 4.1 that stripping the required heat from the column is
actually a means of avoiding reforming the heat distribution and temperature distribution
by adjusting the parameters in the column.

4.3. Effect of the Temperature of the Three-Step Partial Condensation System

According to the literature, the temperature of three condensers affects not only the
purity of crude ammonia gas, but also the energy consumption of the sour water stripper [8].
Among them, the first and second condensers together affect the heat load of the sour water
stripper, and the third condenser mainly affects the purity of the extracted crude ammonia
gas. The temperature of the third stage condenser must be set at about 40 ◦C to ensure that
the purity of crude ammonia is greater than 98 wt%. The effect of the temperature of the
first and second stage condensers on total annual cost is shown in Figure 7.
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As shown in Figure 7, although the temperature of the first and second condensers
affect the heat load of the sour water stripper, the effect on the overall phenols and ammonia
recovery process is negligible. Such an observation may be due to the amount of ammonia
extracted from the side lines being smaller compared to the amount of wastewater extracted
from the bottom of the column (mass ratio of about 1:10). The heat load required by the
three subsequent condensers is much smaller than the heat load of the heat exchangers on
the other main roads, so the impact on the overall heat exchanger network is negligible.

4.4. Effect of the Feed Temperature in Solvent Stripper and Solvent Distillation Column

The effect of feed temperature of solvent stripper and solvent distillation column
on the total annual cost of phenols and ammonia recovery process for coal gasification
wastewater after heat integration was investigated, and the results are shown in Figure 8.
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Figure 8. Effect of feed temperature of solvent stripper and solvent distillation columns on total
annual cost of heat integration process.

Figure 8 presents that the feed temperature of the solvent stripper has little effect on
the total annual cost, while the total annual cost gradually decreases as the feed temperature
of the solvent distillation column increases. When the feed temperatures of the solvent
stripper column and thr solvent distillation column are set to 85/120 ◦C, respectively, the
total annual cost of the phenols ammonia recovery process after heat integration is the
lowest.

From the perspective of the whole process, the material flow rate that is required to be
treated by the solvent distillation column is larger than the solvent stripper, and more heat
needs to be provided, so the total annual cost after heat integration is more sensitive to the
heat distribution of the solvent distillation column.

4.5. Summary

Through the previous analysis, it can be seen that the process parameters that can
significantly affect the total annual cost of heat integration process are cold to hot feed ratio
and hot feed temperature of the sour water stripper, column pressure, feed temperature of
solvent distillation column, and column pressure of the solvent stripper.

Two ideas for implementing heat integration and simultaneous process parameter
optimization for chemical processes using column equipment may be obtained from the
analysis of the impact of the aforementioned factors on the annual total cost:

(1) Optimize the heat distribution and temperature distribution in the process by opti-
mizing the conditions outside the tower as far as possible;

(2) Optimize the heat exchange equipment on the main material flow with large flow rate
as far as possible.



Energies 2022, 15, 9258 12 of 17

In this phenols and ammonia recovery process, the optimal parameters at the lowest
total annual cost were obtained as shown in Table 6.

Table 6. Optimal parameters at the lowest total annual cost.

Name Design Parameters Original Process New Process Unit

Sour water stripper Ratio of cold feed to hot feed 0.25 0.15 /
Hot feed temperature 135 146 ◦C

Three-step partial
condensation system

The first stage condensation temperature 138 138 ◦C
The second stage condensation temperature 106 106 ◦C
The third stage condensation temperature 40 40 ◦C

Solvent stripper Pressure 1.0 0.8 atm
Feed temperature 90 85 ◦C

Solvent distillation
column

Pressure 1.0 1.2 atm
Feed temperature 100 120 ◦C

At this point the incidence matrix is:2 0 4 0 0 0
7 7 9 0 0 2
0 0 3 0 0 0


The corresponding heat exchanger network structure is shown in Figure 9, containing

seven heat exchangers, six coolers, and three heaters, consuming 10,668 kW of cold utilities
and 13,444 kW of heat utilities, with a total annual cost of 306,400 USD/year.
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According to the obtained heat exchanger network structure, the process simulation
of phenols ammonia recovery process of coal gasification wastewater with heat exchanger
network structure was completed on Aspen Plus. The schematic diagram of the heat
exchanger network streams direction is shown in Figure 10.
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Figure 10. Schematic diagram of the stream direction in the heat exchange network. The arrow
indicates the direction of heat transfer.

The main streams of the heat exchanger network are divided into four routes.

(a) The extracted residue from the extraction column was heat exchanged with the bottom
discharge of the solvent distillation column, the gas phase from the second flash tank,
and the gas phase discharge from the top of the solvent distillation column, and then
heated to 60 ◦C by the auxiliary heater and fed into the solvent stripper.

(b) The raw material is divided into 74 wt% and heated to 146 ◦C by heat transferring
with the bottom discharge of the sour water stripper and the ammonia-containing gas
extracted from the side line, and then fed into the sour water stripper as hot feed.

(c) The bottom wastewater discharge from the sour water stripper provides heat for the
reboiling flow of the solvent stripper, and then cools down to 40 ◦C through the hot
feed stream.
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(d) The ammonia-containing gas extracted from the side line is divided into two streams
through the splitter, one of which is heat exchanged with the raw material hot stream,
and the other is heat exchanged with the extract of the extraction column. Two streams
are combined after the heat exchange is completed and enter the first flash tank.

The parameter optimization and unoptimized heat integration process comparison is
shown in Table 7.

Table 7. Comparison of heat integration results with the original process.

Equipment
Cost

Cooling
Water

Low Pressure
Steam (0.6 MPa)

Medium
Pressure Steam

(1.5 MPa)

Medium
Pressure Steam

(2.8 MPa)

Total Energy
Consumption TAC

×105

USD
×105

USD/year ×105 USD/year ×105 USD/year ×105 USD/year ×105

USD/year
×105

USD/year
Original
process 21.75 0.31 0 24.68 3.85 28.84 36.09

New process 17.80 0.05 0 22.30 2.36 24.71 30.64
Comparison −18.2% −83.9% 0 −9.6% −38.7% −14.3% −15.1%

On the premise of considering the optimization of process parameters, the heat inte-
gration of the phenols and ammonia recovery process of coal gasification wastewater can
further obtain greater room for improvement on the basis of conventional heat integration.
The new heat integration process not only saves 18.2% of equipment costs, but also greatly
improves the heat transfer matching between streams, which reduces the total utility con-
sumption by 14.3%. In general, the new heat integration solution can further save 15.1%
of the total annual cost compared with the conventional heat integration solution. The
heat integration scheme has provided guidance for the optimization of the phenols and
ammonia recovery process.

5. Conclusions

In conclusion, the present work explored the heat integration of the phenols and
ammonia recovery process from coal gasification wastewater considering the changes in
process parameters. The simulation and optimization of this process were carried out using
Aspen Plus. A programming method for heat exchanger network synthesis based on hybrid
genetic algorithm was established by Matlab, which can optimize process parameters and
heat integration simultaneously.

Based on the stream information obtained from Aspen Plus simulation, the heat
integration process of phenols and ammonia recovery process is designed and optimized
by combining it with the heat exchanger network optimization. Taking the total annual
cost after heat integration as the objective function, the following process parameters are
optimized: the hot feed temperature and cold/hot feed ratio of the sour water stripper, the
set temperature of the three-step partial condensation system, the feed temperature and
column pressure of the solvent distillation column and the solvent stripper. The results
show that the total annual cost after heat integration is the lowest when the cold-to-hot
feed ratio is set to 0.15, the hot feed temperature of sour water stripper is set to 146 ◦C, the
temperature of the three-step partial condensation system is set to 138/106/40 ◦C, the feed
temperatures of the solvent stripper and solvent distillation column are 85/120 ◦C, and
the column pressures are 0.8/1.2 atm. Compared with the conventional heat integration
process, the total energy consumption is reduced by 14.3%, and the equipment cost is
reduced by 18.2% in the new heat integration process. In a comprehensive analysis, its total
annual cost was reduced by 15.1% compared with the original heat integration process.

Two principles of simultaneously optimizing heat integration and process parameters
for chemical processes with column equipment are summarized by the proposed heat
integration optimization method. According to these two principles, it is expected to
further optimize the large-scale chemical processes with preliminary heat integration,
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thereby providing theoretical guidance for the economic and environmental development
of large-scale chemical processes.
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Nomenclature

Abbreviations
MIBK Methyl isobutyl ketone
HEN Heat exchanger network
GA Genetic algorithm
PSO Particle swarm optimization
TAC Total annual costs
Parameters and variables
H1~Hn Hot stream
C1~Cn Cold stream
N Stage of heat exchanger network
T Given temperature
i Index of cold stream
j Index of hot stream
k Index of stage
C Equipment cost
A Cost calculation parameters
S Heat exchanger area
n Number of items
H Utilities consumption
D Column design inner diameter
NT Theoretical plates
T Stream temperature
Q Heat exchange
W Heat capacity flow rate
y Split flow rate
∆Tmin Minimum temperature driving force of heat exchanger
U Heat transfer coefficient
∆Tm Logarithmic mean temperature difference
XF Independent variable of split flow rate
XQ Independent variable of heat load
Subscripts
H Hot stream
c Cold stream
hex Heat exchanger
col Column
s Code of heat exchanger
u1~u4 Codes of different utilities
cu Utility heat exchanger in cold stream
hu Utility heat exchanger in hot stream
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Superscripts
I Initial temperature
T Target temperature
′ Inlet temperature
′′ Outlet temperature
* Parameter flag after normalization
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